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Abstract
The expected worldwide market for membrane separation technologies is estimated to be $16
billion by the year 2017 because of extensive acceptance of the membrane technology in
several end-user markets. With the increase in demand for high-quality

products,

environmental concerns, stringent regulations and exhausting natural resources, membrane
separation technologies are predicted to see substantial development in the future. The scope
of membrane technology likely is expected to be interesting as new membrane materia ls,
innovations and processes make their way to the marketplace. The recent development in
industrial applications of membrane gas separation is: to develop robust membranes, which
show higher separation capacity, and are consistent and durable for specific applicatio ns.
Process simulation is a method to optimize the design and operating conditions in the process.
A process configuration and optimum operating conditions result in enhanced separation
performance and are less expensive. In addition, with the growth of new process models, new
membrane applications are arising.
This study focuses on emerging models that can be used to bring improvement in the operation
and design of membrane gas separation processes. Numerical models for the better
performance of gas separation with high permeation were developed and verified. The pressure
gradient on both sides of the membrane in different flow patterns has been considered i.e. cocurrent, cross and counter current. The numerical models are useful as they need least
computational effort and deliver better solution stability. The robustness and the predictions of
the numerical models were verified with experimental data for different membrane systems
with different flow patterns. The numerical models were applied to several case studies to
investigate the performance of different membrane module configurations. The research shows
that the new numerical models can effectively handle the high permeate membrane problems
with various flow configurations.
It is a common perception that working at higher pressures permeates more gasses, and hence,
occasionally the membrane module is analyzed or characterized at lower pressures to save gas
utilization. It is also believed that membrane ability of gas separation declines at higher feed
pressures. The obvious and key permeances of different grasses for different membranes were
assessed from numerical analysis based pure gas permeation experiments reported in the
i

literature. It was found that the membrane performs near to its real separation capability if it is
worked at high feed pressures. The effect of pressure on the membrane performance is
minimized under some special conditions.
One of the most powerful features of the ASPEN HYSYS program enables users to add
additional unit operations to the program through Extensibility. Using this capability, the
ASPEN HYSYS could be customized for the simulations to match specific operating
conditions. The built in unit operation of membrane is not available in ASPEN HYSYS. In this
research, a membrane extension has been developed in ASPEN HYSYS. Developing and
implementing the successful Extensions for ASPEN HYSYS requires a good understanding of
the ASPEN HYSYS program, an object-oriented programming language (Visual Basic), and
the purpose of the Extension. This research will help combine the knowledge of all three areas
and allow us to create useful and powerful extensions for the ASPEN HYSYS program. This
extension allows ASPEN HYSYS to simulate the industry specific membrane based separation
processes.
Computational fluid dynamics (CFD) simulations were carried out for the separation of gasses
using membranes. This CFD code was used to examine the flow profile for gas separation in a
membrane. To the best of our knowledge, the availability of CFD simulation on membrane gas
separation is found to be limited, hence, it was attempted in the present study. The aim of this
research is to use commercial CFD simulation package ANSYS FLUENT to predict flow
conditions and gas permeation. For CFD calculations, the commercial solver based on finite
volume method (FVM) has been used and the mass transfer through the membrane has been
modeled by user-defined functions (UDFs). Two key aspects are significant for the design of
membrane modules used for gas permeation. These aspects include flow distribution and
concentration polarization. The later causes a reduced driving force, considerably affecting
membrane performance. A uniform flow distribution will ensure that the complete membrane
area is utilized. In order to reduce the influence of concentration polarization and to ensure an
even flow distribution, baffles located between two membrane surfaces or plates containing
flow channels are employed. Turbulence model has been integrated into the solution of
incompressible flow equations.
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Rate of creation by addition from the dispersed phase

xix

Chapter

1

1.1

INTRODUCTION

Background

Membrane technology has been extensively recognized by industries because of its imme nse
capability in solving crucial industrial separation problems. Gas separation through membranes
is one of the highly focusing and cutting-edge unit process that emerged in recent years. In the
US, the collective market for membranes used in all industries was projected to be of value $5
billion in 2005. The market is growing at a normal annual growth rate of 6.6% and predicted
to cross $6.9 billion in coming years as stated by a report by Business Communications Co.
[1]. The extensive acceptance of the membrane technology within different end-user markets,
the global market for membrane separation technologies is estimated to the extent $16 billio n
by the year 2017 [2]. With the growth in the need for high-value products, strict procedures,
environmental worries, and depleting natural resources, membrane separation technologies are
projected to see the substantial progression over a long time [3]. Membrane gas separation is
centered on permeation of one or more components of a gas mixture through a membrane.
Chemical or mechanical processes are nonexistent in this technology, which marks the
membrane process comparatively easy and simple to control. Membrane processes normally
utilize a smaller amount of energy than traditional separation processes and can be simply
joined with other separation processes. The process is friendly because of the nonexistence of
toxic chemical additives in the separation. Gas separation using membrane is well-consolid ated
today and can frequently overtake traditional processes in terms of safety, economics, technica l
and environmental features. The future of membrane technology depends on developing new
membrane processes, materials, and modules. In last twenty years, an unlimited range of
membranes has been synthesized and published. The present tendency in membrane gas
separation industry is, however, to make robust membranes with higher separation performance
that are consistent and enduring for specific applications. The economic practicability of
membrane gas systems can be substantially influenced by the process design. In many
applications, numerical models are necessary to guess the performance of gas separation
modules for optimization and process design. Numerical simulation permits the analysis of
design and operating variables in the process, and in new process designs. An optimized
1

process design will produce higher separation performance along with fewer investme nts.
Furthermore, with the increase of new process ideas, new membrane applications will arise.
1.2

Inspiration

As membrane technology has great potential, further applications in chemical industry are
likely to arise in future. Nevertheless, there are few misperceptions and contradictory
arguments on the better utility of membranes over other processes. Because membrane
technology is the modern addition, the misunderstanding is occasionally intensified by the
statement that the technology is not completely known by some of the possible supporters (i.e.,
personnel and industry).
This research is an addition to the search of current and new technologies where membranes
have substantial potential. Though membrane gas separations by now have extensively entered
in the markets, there are still several openings to cover new markets. Several new and betterquality materials have been developed recently in this area of research, the existing tendency
in membrane gas separation industry is to fabricate robust membranes that show both higher
permeability selectivity.
However, in few cases, membrane process designs and configurations are inefficient to
completely utilize the membrane capability. In the analysis of new process ideas, new
membrane applications may also appear. Hence, process analysis such as modeling and
simulation are considered important to membrane experts for choice making. Additiona lly,
effective membrane modeling and simulation can give useful data for the design, economics
and optimization of the complete separation process with least efforts and costs. Membrane gas
separations under unsteady state conditions are somewhat unknown. Unsteady and, in precise,
steady operation of the membrane can be applied to modify the separation process. As very
small is understood about unsteady-state permeation, an investigation could possibly infiltr ate
new process ideas.
The consistency, robustness, and effectiveness of new numerical techniques for finding
solutions to flow problems have given rise to the acceptance of computational fluid dynamics
(CFD) as a broadly adopted study tool for membrane processes. CFD offer numerous
noteworthy data for the improvement of membrane processes. This study explores differe nt
ways in which CFD techniques can be implemented to improve membrane performance.
2

Figure 1-1: Sketch of research goals and scope
1.3

Research goals

The overall aim of the research was to develop mathematical models/numerical techniques that
can be applied to improve the design and operation of membrane process for gas separation.
This study focuses different case studies in membrane gas separations, and key features have
been focused as shown in Figure 1-1. The thesis targets modeling and simulation of membrane
gas separation; firstly, to develop an accurate and fast mathematical model for simulation of
gas permeation in membranes in MATLAB. Then, application of that mathematical model in
different flow and process conditions for gas separation. Secondly, analysis of the membrane
process using user-defined membrane extension in ASPEN HYSYS. The efficiency of
membrane processes for CO 2 capture and possibility of developing a process for carbon
capture. Finally, computational fluid dynamics (CFD) study with ANSYS FLUENT has been
undertaken. The mass transfer and heat transfer of gasses within the membrane are predicted.
The following goals were set while undertaking this work:
1. To develop the mathematical models for simulation of multicomponent gas permeation
in membranes, and create a fast and accurate numerical model for solving the related
equations (Chapter 2).
2. To implement the fast and reliable mathematical model to examine the performance of
different case studies of membrane processes such as air separation, hydrogen and
helium recovery etc. by specific membranes (Chapter 2 and Chapter 3).
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3. Development of a user- defined membrane extension in ASPEN HYSYS (Chapter 4).
4. To attain the efficiency of membrane processes for CO 2 capture from flue gas to achieve
the certain design parameters. To investigate the possibility of membrane process flow
systems for post-combustion CO 2 capture (Chapter 4).
5. To carry out the CFD analysis of modeling mass flux and heat transfer in polymer ic
membranes (Chapter 5).
6. To conduct the CFD and residence time distribution (RTD) analysis of membrane
module (Chapter 5).
1.4

Outline of the thesis

The thesis comprises of ten chapters as follows:


Chapter 1 describes the background, inspirations, and particular goals. The chapter
describes a brief history of gas separation based on polymeric membranes, the process
of transport through membranes, and an analysis of different polymeric membranes
used for gas separation. The chapter gives an analysis of basic characteristics of
membranes, membrane permeator modeling and membrane process. Furthermore, the
applications of membrane gas separations in different industries are discussed.



Chapter 2 describes mathematical modeling of multicomponent gas separation in
asymmetric membranes with co-current and cross flow pattern, and application of the
membrane gas separation for hydrogen recovery from gas streams of oil refiner ies
(Research goals: 1 and 2).



Chapter 3 presents

the mathematical

modeling

of helium

recovery

from

multicomponent gas separation using counter-current flow pattern (Research goal: 2).


Chapter 4 discussed CO 2 separation from flue gas using user defined membrane
extension in ASPEN HYSYS. The chapter also presents the efficiency of membrane
processes for post-combustion CO 2 capture (Research goals: 3 and 4).



Chapter 5 presents the computational fluid dynamics (CFD) application for the
modeling of flux in a polymeric membrane. The chapter also presents the computatio na l
fluid dynamics (CFD) application for heat transfer within a membrane. The simula tio n
of turbulent flow in a membrane tube using finite volume method approach is also
discussed in this chapter (Research goals: 5 and 6).

4



Chapter 6 summarizes the general conclusions and contributions, recommendations for
future work.

1.5

Difference between past research and this research

The difference between the past research and this research has been shown in Figure 1-2 and
Figure 1-3 respectively.

Figure 1-2: Timeline of past research work of membrane gas separation systems [4].
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Figure 1-3: Timeline of this research work of membrane gas separation.
1.6

Membrane-based gas separation: A brief history

Membrane technology is an applicable tool to implement in the process growth, as a result
decreasing equipment size, waste generation, production costs, and energy utilization. An
efficient membrane has the capability to selectively permit a specific component of a gas
mixture to move through it whereas rejecting others in a continuous way, which turns the
process exceptionally interesting. Membrane process is an appealing substitute to traditio na l
processes for gas separations because of its low maintenance, easiness in operation, and
consistent performance. Contrary to orthodox separation processes (e.g., adsorption and
cryogenic distillation), membrane unit operations does not include a phase change (except
pervaporation). Furthermore, the nonexistence of moving parts marks membrane systems
specifically appropriate for applications where operator presence is important. Moreover, the
minor footprint marks the process very appealing for remote applications for example offshore
gas processing [5]. It is also environment- friendly, as no injurious chemical additives are
requisite in the separation. But, regardless of its obvious advantages, many aspects must be
studied for effective application and commercialization of membrane technology. The optimal
operating conditions and process design play a significant part inaccurate and economic
application of gas separations by using a membrane.
Membrane gas separation is a pressure-driven process with several applications in industry,
however, these applications show only a small part of the potential ground in chemica l
industries and refineries, though expectations could be limitless. The application of membranes
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in separation unit operations is increasing at a steady rate [6]. It is expected that the market of
membrane gas separation technology in the year 2020 would be five times of that of the year
2000 [7]. It is projected that membrane gas separation will have a growing vital role in
decreasing the environmental effect and costs of industrial operations, specifically in the
current situation when energy cost is unpredictable and the worldwide hydrocarbon reservoirs
are intended to decrease intensely in this century [8]. Prospects to spread the markets for
membrane gas separation are vast. But, in few cases, the membrane configuration, membrane
materials, process designs are insufficient to be useful for all industrial requirements. A broad
range of materials was explored and numerous perfections were reached currently in this area.
Nowadays, most of the study is being focused on the exploration of new materials and to the
investigations of new membrane structures that show both a high permeability and selectivity
to particular gasses [9]. But, modeling and simulation of the membrane gas separation is a
feasible way to give important data for the operating conditions, design and economics of the
separation unit operations with nominal cost.
This chapter concisely reports the historical prospects of membrane-based gas separation, the
transport phenomena in membranes and the several polymeric membranes used for gas
separation. The chapter also aims to present an analysis on main characteristics of membranes,
flow patterns, membrane permeator modeling and mathematical methods for solution.
Advantages of different membrane configurations, improvement in performance through
multi-stage operations, improving separation efficiency with novel designs will also be
presented. A brief review of applications membrane in the industry of gas separation will be
discussed too.
It was Graham who in 1829 introduced and initiated the basis of membrane gas separation by
carrying out permeation tests for some of the famous gasses that time [10,11]. Graham
presented the theory of solution-diffusion mechanism for the first time to describe the selective
permeation of gasses [12]. Graham’s theory has added significantly to the understanding of gas
diffusion phenomena together with Fick’s law, which defines concentration gradient driven
mass transport. But, it was Loeb and Sourirajan who in 1961 developed an integra lly
asymmetric high-flux reverse osmosis membrane for desalination and converted membrane
from idea to application in the industry [13]. By introducing a large surface area in dense
modules through hollow fiber membranes in the 1970’s, the industry enhanced and expanded
significant interest. Monsanto Company additionally refined the membranes for gas separation
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applications and initiated its first composite polysulfone Prism® membrane in the 1980’s for
hydrogen separation application [14].
After that, several researchers in membrane gas separation extended the application of
membrane processes in industry for carbon dioxide removal from natural gas (e.g., Cynara,
Saparex and Grace). The development was enhanced in the 1980’s with the invention and
growth of highly selective synthetic polymeric materials. Precisely, the enhanced selectivity of
oxygen/nitrogen in polymeric membranes has extended its application to air separation to
produce oxygen and nitrogen enriched air. Among several commercial plants producing
oxygen- and nitrogen-enriched air, Praxair is one of the largest, and one of Praxair’s plants in
Belgium (began operation in 1996) has a nitrogen production volume of nearly 24 ton/hr [15].
Applications in other industries are steadily progressive and broadly speared the market.
1.7

Theory of Gas transport

Gas transport in the membrane is a function of membrane properties (chemical and physical
structure), the interaction between the membrane and the permeant, and the nature of the
permeant species (shape, size and polarity). The theory of gas transport across membranes
differs with the natures of membranes used. Knudsen diffusion, Convective flow, and
molecular sieving are the three recognized mechanisms for porous membranes. The solutio ndiffusion mechanism is the broadly accepted mechanism for gas transport in dense membranes.
Figure 1-4 describes a schematic of gas transport theory for dense and porous membranes. The
relative pore sizes of the membranes and the mean free path of the gas molecules governed the
transport mechanism in porous membranes. If the pores are comparatively large (from 0.1 to
10 μm), gasses permeate through the membrane pores by convective (viscous) flow defined by
the Poiseuille’s law, and no separation take place. If the pore size is similar to or smaller than
the mean free path of the gas molecules, gas permeation is controlled by the Knudsen diffus io n.
The gas molecules in Knudsen diffusion collide more regularly with the pore walls than
colliding with other gas molecules on the go, which make them move free of each other [16].
The transport rate of a gas across the membrane by Knudsen diffusion is inversely proportional
to the square root of its molecular weight. When the membrane pores are very small (of the
order of 5-20 Å), e.g., in between the size of smaller and larger molecules, the gasses are
separated by molecular sieving. Transport through this kind of membrane is difficult and
contains both diffusions of adsorbed species on the surface of the pores (surface diffusion) and
diffusion in the gas phase. This kind of membranes has not been used on a big scale. But, ultra 8

microporous glassy and ceramic membranes with surprising high selectivities for same
molecules have been made in the laboratory [17]. Details of the transport models reported with
porous membranes can be found in the literature [18,19].

Figure 1-4: Schematic of main mechanisms for gas permeation through membranes [13]
While microporous membranes are areas of substantial research importance, all existing
membranes for commercial separations are based on dense polymer membranes. Separation
with dense polymer films takes place by a solution-diffusion theory, which was origina l ly
suggested by Graham. The gas transport through dense polymer films occur basically in three
steps according to Graham, as presented schematically in Figure 1-5. In this model, it is
supposed that the gas at the high-pressure side of the membrane dissolves in the polymer,
diffuses down to the low-pressure side, and lastly desorbs and discharges at the low-pressure
end. It is further supposed that desorption and sorption at the interfaces are fast matched to the
diffusion rate in the polymer. The gas phases on both sides of the membrane are in equilibr ium
with the polymer interfaces. The permeants are separated from each other due to the differe nce
in their diffusivity and solubility in the polymer matrix [20]. Diffusion is the mechanism by
which matter is transported from one part of a system to another by the concentration gradient.
The gas flux across the membrane can be described by the Fick’s law:
𝑑𝑐

𝐹 = −𝐷 𝑑𝑥

(1.1)
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Figure 1-5: Schematic of solution-diffusion model.
The concentration of a component at the feed interface of the membrane can be described by
Henry’s law:
𝐶 = 𝑆𝑝

(1.2)

Combining Eqs. (1.1) and (1.2) and integration lead to the expression of gas transport flux
across the membrane:
𝐹 = −𝑆𝐷

∆𝑝

(1.3)

𝑡

The product 𝑆𝐷 can be written as 𝑃, which is called the membrane permeability. It is a measure
of the ability of the membrane to permeate gasses. Rewriting Eq. (1.3):
𝐹 = −𝑃

∆𝑝

(1.4)

𝑡

The measure of the ability of a membrane to separate a pair of gasses i and j is the ratio of their
permeabilities 𝛼𝑖𝑗 , called the membrane selectivity:
𝛼𝑖𝑗 =

𝑃𝑖
𝑃𝑗

𝐷

𝑆

𝑗

𝑗

= [𝐷𝑖 ] [𝑆𝑖 ]

(1.5)

The ratio of diffusion coefficients (𝐷𝑖 /𝐷𝑗 ) can be observed as the mobility selectivity,
reflecting the different sizes of the permeating molecules, whereas the ratio of the sorption
coefficients (𝑆𝑖 /𝑆𝑗 )

can be observed as the solubility selectivity, showing the relative

condensabilities of the two gasses. Generally, the diffusivity coefficient decreases with
increasing molecular size. However, the magnitude of diffusivity selectivity depends on
whether the membrane is at a rubbery or glassy state. Glassy polymers refer to polymer ic
materials below their glass transition temperatures, while a rubbery polymer results when the
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polymer is at a temperature above the glass transition temperature. The polymer chains are stiff
below the glass transition temperature. On the other hand, the polymer obtains enough thermal
energy above the glass transition temperature and permits some rotation around the chain
backbone, which initiates the polymer to become rubbery. The mobility selectivity of gasses is
comparatively higher in glassy polymers than that of the rubbery polymers [21,22].
The solubility selectivity normally rises with molecular sizes of the permeant. In glassy
polymers, the mobility term is generally more dominant, which makes small molecules
permeate faster. Oppositely, in rubbery polymers, the solubility term normally predominates,
and larger molecules permeate preferentially through the membrane [13]. Reviews on the
relationships between transport properties and polymer structure of gasses can be found in the
literature [13,23].
1.8

Membrane materials

The choice of a membrane material for gas separation applications depends on particular
chemical and physical properties. Membrane materials require being synthesized in a
sophisticated manner to separate specific gas mixtures. Moreover, robust (i.e., stable and long
term) materials are vital to discover potential applications in membrane gas separation
processes. The separation performance of membranes be can determined by:


Material of the membrane (permeability, selectivity)



Structure and thickness of the membrane (permeance)



Configuration of the membrane (e.g., flat, hollow fiber)



Structure designs and module

Permeability and selectivity of membrane decide the economics of membrane gas separation
processes. A big number of polymeric materials have been synthesized for gas separation
applications. But, polymers cannot resist very high temperatures and harsh chemical processes.
Furthermore, in petrochemical plants, refineries and natural gas treatment, the existence of
heavy hydrocarbons in the feed streams can create a huge problem. Several polymers can be
swollen or plasticized when exposed to hydrocarbons or CO 2 at high pressures. Their
separation performance can radically decrease or the membranes can be irreparably damaged.
Thus, gas condensate handling and pre-treatment are important for the accurate operation of
gas separation modules. The development of inorganic membranes (e.g., zeolites, silica etc.)
and carbon-based molecular sieves is specifically attention-grabbing as they can survive high
temperatures as well as aggressive chemicals. But, these materials have disadvanta ges,
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including modest reproducibility, low membrane area to module volume ratio, brittleness, high
cost, low permeability in the case of highly selective dense membranes (e.g., metal oxides at
temperatures below 400°C) and difficult sealing at high temperatures (greater than 600°C) [9].
Even though a great number of polymeric materials have been investigated and developed for
gas separation applications, the real number of polymers used in commercial applications is
quite limited. The important glassy and rubbery polymers used for membrane gas separation
are shown in Table 1-1.
Table 1-1: Glassy and rubbery polymers used in industrial membrane gas separation [9].
Rubbery Polymers

Glassy Polymers

Poly (dimethylsiloxane)

Cellulose acetate

Ethylene oxide/propylene oxide-amide Polyperfluorodioxoles
copolymers
Polycarbonates
Polyimides
Poly (phenylene oxide)
Polysulfone
1.9
1.9.1

Types of membrane modules
Flat membrane modules

Flat membrane modules are mainly used in experiments to characterize the permeability of the
membrane. The modules are easy to fabricate and use and the areas of the membranes are well
defined. In some cases, modules are stacked together like a multi-layer sandwich, as shown in
Figure 1-6. The major drawback of this type is the very small membrane area per unit separator
volume. Small commercial flat membranes are used for producing oxygen enriched air for
medical applications.

Figure 1-6: Flat plate membrane module
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1.9.2

Spiral-wound membrane modules

This configuration retains the simplicity of fabricating flat membranes while increasing
markedly the membrane area per unit separator volume up to 328 m2 /m3 and decreasing
pressure drop. The assembly consists of a several sheets wrapped around a central core of
perforated collecting tube. The four sheets consist of a top sheet of an open separator grid for
the feed channel, a membrane, a porous felt backing for the permeate channel, and another
membrane, as shown in Figure 1-7. The spiral-wound element is 100 m to 200 mm in diameter
and is about 1 to 1.5 m long in the axial direction. The flat sheets before rolling are about 1-1.5
m by about 2-2.5 m. The space between the membranes is about 1 mm and thickness of porous
backing is about 0.2 mm.
The whole spiral-wound element is located inside a metal shell. The feed gas enters at the left
end of the shell, enters the feed channel, and flows through this channel in the axial direction
of the spiral to the right end of the assembly. Then the residue gas leaves the shell at this
point.The feed stream, which is in the feed channel, permeates perpendicularly through the
membrane. The permeate then flows through the permeate channel in a direction perpendicular
to the feed stream toward the perforated collecting tube, where it leaves the unit at one end.

Figure 1-7: Spiral-wound membrane module
1.9.3

Hollow-fiber membrane modules

The membranes are in the shape of very-small-diameter hollow fibers. The inside diameter of
the fibers is in the range of 100-500 μm and the outside 200-1000 μm, with the length up to 35 m. The module resembles a shell-and-tube heat exchanger. Thousands of fine tubes are bound
together at each end into a tube sheet that is surrounded by a metal shell having a diameter of
0.1 – 0.2m, so that the membrane area per unit volume is up to 10000 m2 /m3 , as in Figure 1-8.
A typical large industrial permeator has fibers of 200 μm ID and 400 μm OD in a shell 6 in. in
diameter and 10 ft long [24].
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Typically, the high-pressure feed enters the shell side at one end and leaves at the other end.
The hollow fibers are closed at one end of the tube bundles. The permeate gas inside the fibers
flows countercurrent to the shell-side flow and is collected in a chamber where the open ends
of the fibers terminate. Then the permeate exits the device. In some lower-pressure operations,
such as for separation of air to produce nitrogen, the feed enters inside the tubes.

Figure 1-8: Hollow fiber membrane module

1.10 Flow patterns in membrane separators
There are several flow patterns depending upon the flow characterizations, the important types
are summarized in Figure 1-9. If there is complete mixing of the feed and permeate by an
external agent (stirrer or mixer), then the configuration is complete mixing. If the permeate
comes normal to the flow direction of the feed, this is known as cross flow. If feed and permeate
are in the same direction, then the flow is co-current flow. If they are in opposite direction, then
it is counter current flow. In general, it has been concluding by many parametric studies that at
the same operating conditions the countercurrent flow pattern yields the best separation and
requires the lowest membrane area.

Figure 1-9: Flow patterns in membrane separators for gasses
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1.11 Multiple stage membrane separators
Most applications of membrane gas separation require multiple separators because the large
units are about 0.3 m in diameter and 3 to 5 m long. A hollow fiber module of this size might
have many thousands square meters of membrane area and be able to process several hundred
cubic meters of gas per minute. For treating the much larger flows in a chemical plant or
refinery several units are arranged in different ways, as shown in Figure 1-10.

Figure 1-10: Multistage membrane separators arrangements
1.12 Mathematical methods and solution techniques
The mathematical solution methods for membrane separators are comprised of solving a set of
nonlinear ordinary differential equations (ODEs), which normally create boundary value type
problems. A number of solution techniques have been described in the literature including trial
and error shooting techniques [25], finite element [26], the finite difference with iteration
approach [27], finite volume method [28], and orthogonal collocation [29-31].
15

Numerical solution to the set of ODEs requires significant effort and computational time. As
an alternative to solving the complex set of ODEs, approximate solutions to the model
equations have been established by several workers [32-35] in order to decrease computatio na l
problems, time and to give fast solution particularly for preliminary design targets. A linear
approximation model to solve the multicomponent countercurrent gas separator transport
equations considering pressure variation inside the fiber was presented by Kovvali et al. [36].
A linear relationship between the feed stream compositions and permeate was supposed, which
decrease the computational efforts and also generated analytical expressions for permeate
pressure, flow rates, and compositions along the length of the separator. A robust algebraic
model for multi-component separation depended on analogy with countercurrent heat
exchangers was developed by Peterson and Lien [35].
The algebraic nature of their model would make it easier to optimize membrane system and
operating conditions. For a multi-component system, the solution using trial and error methods
is much more complex than the binary case because of the need to converge an increased
number of boundary conditions. A systematic technique to find multi-component solution
vectors using direct search maximizing routine adopted from box complex method was
presented by McCandless [37]. A new numerical approach to solve the ODEs using Adams Moulton’s or Gear’s backward differentiation formulas was developed by Chowdhury et al.
[38]. This method permits the model equation to be solved as an initial value problem without
initial estimates of the pressure, flow and concentration profiles.
1.13 Industrial applications of membrane gas separation
The industrial applications of membrane gas separation are still developing and rising. Several
large industrial gas companies at present have membrane affiliates: Air Products (Permea), Air
Liquide (Medal), MG (Generon) and Praxair (IMS). The affiliate’s emphasis primarily on
manufacturing membrane systems to separate nitrogen from the air, furthermore produce some
hydrogen separation systems. Another group of companies including Kvaerner (GMS), Natco
(Cynara), UOP (Separex) and ABB Lummus Global develop membrane systems for natural
gas separations. The third group of smaller independents is concentrating on the new
applications including oxygen enrichment, vapor separation, and air dehydration. The key
industrial applications of membrane gas separation are listed in Table 1-2. Details on the main
gas separation applications can be found in the literature [7-9,14].
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Table 1-2: Main industrial applications of membrane gas separation [9].
Separation

Process

H2 /N 2

Ammonia purge gas

H2 /CO

Syngas ratio adjustment

H2 /hydrocarbons

Hydrogen recovery in refineries

O2 /N 2

Nitrogen generation, oxygen-enriched air production

CO 2 /hydrocarbons (CH4 )

Natural gas sweetening, landfill gas upgrading

CO 2 /N2 /O2

Carbon dioxide removal from flue gas or
Enhanced coal bed methane application

H2 O/hydrocarbons (CH4 )

Natural gas dehydration

H2 S/hydrocarbons

Sour gas treating

He/hydrocarbons

Helium separation

He/N 2

Helium recovery

Hydrocarbons/air

Hydrocarbons recovery, pollution control

H2 O/air

Air dehumidification

Volatile organic species/

Polyolefin purge gas purification

(e.g., ethylene or propylene)/
Light gasses (e.g., nitrogen)
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2

MATHEMATICAL MODELING OF MULTICOMPONENT
MEMBRANE GAS SEPARATION

Abstract

This chapter is an effort of comparing numerical methods for the multicomponent membrane
gas separation. As an example for membrane gas separation, a detailed model of co-current
flow process is considered. After the derivation of the model, different numerical techniques
for the solution of mathematical model are presented. Seven different numerical methods such
as Bogacki–Shampine method, Dormand–Prince method, Adams-Bashforth-Moulton method,
numerical differentiation formulas, modified Rosenbrock formula of order 2, Trapezoidal rule
with free interpolant and Trapezoidal rule with backward difference formula of order 2 are used
to solve ordinary differential equations. The methods, problems, and comparison criteria are
stated very carefully. Then the numerical methods are categorized on their stability basis. The
recommended numerical method shows good agreement with the experimental and numerica l
values in the literature.

Keywords: Numerical comparison, membrane gas separation, co-current flow,
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2.1

Introduction

Membrane gas separation has great potential as a separation technique in chemical engineer ing.
It plays an important role in many industrial separation processes, like e.g. hydrogen recovery,
air separation, natural gas dehydration, etc. A common characteristic of all the membranebased separation systems is that a gas mixture at a high pressure is fed to the feed side of the
membrane while the permeate gas at a lower pressure is removed from the permeate side of the
membrane as shown in Figure 2-1. An appropriate modeling method to describe membrane gas
separation in chemical engineering has been developed in the 1960s [1,4].

Figure 2-1: Simplified single membrane unit
The application of the co-current flow based modeling approach to membrane gas separation
leads in general to a complex mathematical model of coupled ordinary differential equations
(ODEs). This ascends from the point that for a detailed understanding of the main processes in
a membrane gas separation, very comprehensive models on a microscopic level are required to
explain multicomponent gas separation through a single permeation unit. It is clear that for
correct analysis of this membrane gas separation flow processes, the high computational effort
is required. The most mathematical model developed in the past were detailed models made up
of ordinary differential equation, whose numerical values usually showed good agreement with
experimental results [3-8].
For the study of main problems, for example, the scale-up from laboratory to plant scale, it is
essential to use mathematical models, whose numerical parameters are completely determined
by the plant setup, its geometry, and the used chemical system. But this also indicates the
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requirement for precise numerical methods in order to solve the resulting co-current flow
process. Modeling results due to numerical errors make the interpretation of the computed
solutions difficult. On the other hand, the numerical behavior should be determined only by the
assumed physical principles and not by the chosen numerical method.
A great deal of effort has gone into the development of numerical solver for ordinary
differential equations in membrane gas separation. By contrast, relatively little has been done
about assessing the merits of various solvers in a reasonably definitive way. Comparing the
ODE solver is an important research area with outstanding merits and widespread applicatio n.
This is the first study to compare the different mathematical solvers for membrane gas
separation problems. The purpose of this investigation is to provide a sound basis for making
such comparisons and to report on our conclusions regarding a number of well-known solvers.
We restricted our attention to numerical methods for initial value problems associated with
systems of ordinary differential equations in membrane gas separation. The test problems and
comparison criteria are chosen so that the results for a particular solver will depend primarily
on how well it can carry out integration steps under the stability and robustness requirements.
There is, of course, a considerable amount of arbitrariness in the choice of problems. We have
tried to choose problems which are reasonably realistic and representative in membrane gas
separation. The aim of this research section was to discuss and compare some of the selected
numerical solvers particular for gas permeation calculations.
The scope of this chapter is to investigate the influence of different numerical methods on the
dynamic and stationary behavior of a membrane gas separation model. The co-current flow
process is considered in research for the comparison of different numerical methods in single
membrane gas separation unit. This process will be described by a detailed mathematical model
containing mainly stage cut, membrane area permeation and rejection of component.
The chapter is prepared as follows: After a short description of the used co-current model and
its derivation, different numerical methods for the numerical simulation of the model will be
discussed. We limit our consideration to numerical methods for initial value problems related
to systems of first order ordinary differential equations. The test problems and comparison
criteria are chosen so that the results for a specific method will depend primarily on how well
it can carry out relatively routine integration steps under a variety of accuracy requirement. The
consequences of the application of the discussed numerical methods on the behavior of the
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modeled co-current flow will then be illustrated by numerical results. The relevance of an
accurate numerical solution and the conclusions drawn from these investigations for the
modeling and analysis of co-current flow process for membrane gas separation unit, in general,
will be stated at the end of the chapter. Model derivation of co-current flow
The single permeation stage as presented in Figure 2-2 is divided into two parts by area A,
membrane of constant permeabilities K is, membrane thickness δ and width W. The feed Qf
enters the unit and is finally divided into two streams [4]: Q p on the permeate side and Q0
leaving on the reject side. These streams have mole fractions respectively xif ,

yip

and

xi0 .

Figure 2-2: Co-current and cross flow
Hence
∑ni=1 xif = 1

(2.1)
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∑ni=1 xio = 1

(2.2)

∑ni=1 yip = 1

(2.3)

It is supposed that the permeabilities are arranged in descending order, i.e.
K1 >K2 >…>Ki>Ki+1>…>Kn
The following assumptions have been made while carrying out the analysis:
1. The permeability of each component is the same as that of the pure species and is
independent of pressure.
2. The steady state was assumed.
3. The membrane is of uniform thickness.
4. The total pressure is essentially constant on each side of the membrane.
5. There are no concentration gradients in perpendicular direction of the membrane
6. Plug flow is assumed.
The overall mass balance can be written as
Qf = Qp + Qo

(2.4)

Also, the component balance can be written as

Q f xfi = Q p yip + Q o xio

(2.5)

The stage cut is defined as
Ф=

Qp
Qf

=

Qf -Qo
Qf

(2.6)

This research deliberates the case for any number of components in a gas mixture. Following
equations can be written by taking the differential area element dA [4].
Q f = qh + ql

(2.7)

Q f xfi = qh xi + ql yi

(2.8)

dqh = -dql

(2.9)

d(qh xi) = -d(ql yi )

(2.10)

dA

d(ql yi ) = [ δ ] K i (Ph Xi -Pl yi )

(2.11)
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d(qh xi )
dA

K

= - δi (Ph Xi -Pl yi )

(2.12)

also
d(qh xi )
dA

dx

= qh dAi + xi

d qh

(2.13)

dA

The following equations can be obtained by summing over the components from (12)
dqh
dA

K

= - ∑ni=1 [ δi (Ph xi -Pl yi )]

(2.14)

The following equation is obtained for 𝑥 𝑖 𝑠 by using Equations (2.12), (2.13), and (2.14).

dxi
dA

=

Ki
K
[xi ∑n
] i
j=1 δ (Phxj -Pl yj ) - δ (Phxi -Pl yi )

(2.15)

qh

By using Equations (2.7) and (2.8) we got
yi =

Qf xfi -qh xi
Qf -qh

, Q f ≠ qh y i 

Q f  x if  q h x i
,Q f  qh
f
h
Q q

When Q f = qh , thenql = 0 , and the condition yi = f(x1 , x2 , x3 , … , xn , i = f({xi }, i) is satisfied
and may be used for determiningyi s. Thus

 Q f  x if  q h x i
,Q f  qh

f
h
yi  
Q q
 f x , x , x ,..., x , i  f {x }, i, Q f  q h
n
i
 1 2 3









(2.16)



Equations (2.14) and (2.15) along with relation (2.16) give a set of (n + 1) coupled differentia l
equations. The initial conditions for the differential equations are
xi |A=0 = xif xi

A0

 x if & q h

A0

 Q f qh |

A=0

= Qf

For the case of known area, these equations can be integrated from A=0 to A=area. For known
Ф the integration carried out until the required flow rates are gotten. Once 𝑥 𝑖𝑜 s are identified,
𝑝

𝑦𝑖 can be calculate from equation (2.5).
Introducing the dimensionless quantities [4]
Pr = Pl ⁄Ph

(2.17)

γi = K i⁄K 1

(2.18)

q̅h = qh⁄ Q f

(2.19)
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̅=
A

AK1 Ph

(2.20)

δQf

where 𝛾𝑖 is the ideal separation factor of the ith component with respect to the most permeable
component, 𝑞̅ ℎ is the dimensionless flow rate, and 𝐴̅ is the dimensionless area. Governing
equations in terms of these dimensionless variables become
dq
̅h
̅
dA
dxi
dA

= - ∑ni=1[γi (xi -Pryi)]
=

]
xi [∑n
j=1 γj (xj -Pryj ) -γi (xi-Pryi )
̅h
q

(2.21)
(2.22)

These equations have the following boundary conditions
xi |A̅=0 = xif

(2.23)

q̅h |A̅=0 = 1

(2.24)

In the form of dimensionless quantities, this relationship can be written as:
For co-current flow
f

h

xi- q
̅ xi

yi = {

1-q
̅h

,q
̅h ≠ 1

}

(2.25)

f({xi }, Pr), q̅h = 1

For crossflow
yi = f(x1 , x2 , x3 , … , xn , Pr = f({xi }, Pr)
2.2

(2.26)

Numerical methods

Except for some special and quite simple cases, co-current flow models in common cannot be
solved analytically. Thus, it is significant to think about appropriate numerical methods in order
to simulate, at least the qualitative behavior, in an acceptable way. In order to find the important
conditions for such a numerical method, the main phenomena of membrane gas separation
processes have to be briefly summarized. The results of membrane gas separation process are
generally determined

by the feed flow rate, pressure gradient, membrane thickness,

permeabilities, permeate and reject values, often dominate the whole processes. Therefore, it
is important to numerically approximate permeate and reject values as accurate as possible, in
order to avoid inaccurate flow rate values at the feed side that would lead to errors in permeate
and reject values, and ultimately to errors in the analysis of the entire process.
Modeling is possibly the most important part of a numerical study. Indeed, a numerical study
is as good as the numerical model. On the basis of criteria mentioned in [9] the following,
Bogacki–Shampine (BS) method [10,11], Dormand–Prince (DP) method [12-14], AdamsBashforth-Moulton (ABM) method [15], numerical differentiation formulas (NDF) [11,16],
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modified Rosenbrock formula of order 2 (MRF2) [11,17], Trapezoidal rule with free
interpolant (TR-FI) [16] and Trapezoidal rule with backward difference formula of order 2
(TR-BDF2) [18,19] are selected. These methods are used to solve and compare the coupled
ordinary differential equations of co-current flow in a single permeation unit.
All above mentioned methods are summarized in Table 2-1. For a detailed overview of these
numerical methods, the reader is referred to mentioned references.
Table 2-1: Comparison of a different method.
Method

Order

of Problem Type

When to Apply

Accuracy
Bogacki–Shampine

Low

Nonstiff

For problems with crude error
tolerances

or for

solving

moderately stiff problems.
Dormand–Prince

Medium

Nonstiff

Most of the time. This should
be the first solver you try.

Adams-Bashforth-

Low to high

Nonstiff

Moulton

For problems with stringent
error tolerances or for solving
computationally

intens ive

problems.
Numerical

Low to medium

Stiff

If Dormand–Prince method is

differentiation

slow because the problem is

formulas

stiff.

Modified Rosenbrock Low

Stiff

formula of order 2

If using crude error tolerances
to solve stiff systems and the
mass matrix is constant.

Trapezoidal rule with Low

Moderately Stiff

free interpolant

For moderately stiff problems
if you need a solution without
numerical damping.

TR-BDF2

Low

Stiff

If using crude error tolerances
to solve stiff systems.
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2.2.1

Syntax of numerical methods

The model was solved using MATLAB R2008b on a PC with core i5 CPU of 2. 3 GHz and 4
GB of RAM. The syntax for all the methods used in MATLAB is as follow.

[T,Y] = solver(odefun,tspan,y0)
Where T is a column vector of time points, Y is solution array. Every row in Y relates to the
solution at a time returned in the corresponding row of T, the solver is one of above mentioned
seven numerical methods. Odefun is a function handle that evaluates the right side of the
differential equations, tspan is a vector stating the interval of integration, [t0,tf] . The solver
executes the initial conditions at tspan(1) and integrates from tspan(1) to tspan(end). To get
solutions at particular times (all decreasing or all increasing), use tspan = [t0,t1,...,tf] and y0
is a vector of initial conditions.
2.2.2

Solution algorithm

The solution algorithm for membrane gas separation with co-current flow is
1. Input: Feed composition (xif), permeabilities of ith component (K i), membrane thickness
(δ), feed flow rate (Q f), feed pressure (Ph ) and permeate pressure (Pl).
2. Calculate pressure ratio (Pr) and permeabilities ratio (  i ) using equation (2.17) and
(2.18) respectively.
3. Calculate yi (initial) using equation (2.25) and (2.26) for co-current and cross flow
respectively, by calling any above-mentioned solver until the equation (2.3) is satisfied.
Use xi = xifand P=Ph
4. Calculate

dq
̅h
̅
dA

and

dxi
dA

by using equation (2.21) and (2.22) respectively with the help of

boundary condition given in equation (2.23) and (2.24). After each step update the value
of 𝑦𝑖 with the new values of 𝑥 𝑖. Proceed solving based on update values until A=1
5. Calculate permeate flow rate (Q p) and stage cut (  ) from equation (2.4) and (2.6)
respectively.
6. Finally, calculate the mole fraction of an ith component in permeate by using equation
(2.16).
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2.3

Results and discussion

The process conditions for the separation of a four component mixture are given in Table 2-2
and Table 2-3. The model of co-current flow is solved by various numerical methods by using
a step size of 0.1 and tolerance level of 10 -9 .

Table 2-2: Operating Parameters for Separation of Multicomponent Mixture [2].
Ph

380 cm Hg

Pl

50 cm Hg

d

2.54 mm

Qf

106 cm3 /s

Table 2-3: Operating Parameters for Separation of a Multicomponent Mixture [20].
Gas

Mole fraction at inlet

Permeability ×10-7
(cm3 .cm/ cm2 .s.cmHg)

Hydrogen

0.1

0.2

Nitrogen

0.23

0.11

Oxygen

0.40

0.044

Methane

0.27

0.013

Figure 2-3 -Figure 2-6 show the reject and permeate mole fraction of hydrogen, nitrogen,
oxygen, and methane respectively obtained using above mentioned numerical methods. Since
the flow rate acts as a driving force to permeate the gas mixture through the membrane. So,
with the increase in membrane area, the reject flow decreases and its tendency of permeation
decreases.
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Figure 2-3: Mole fraction of Hydrogen for different numerical methods (a) Permeate (b)
Reject.

Figure 2-4: Mole fraction of Nitrogen for different numerical methods (a) Permeate (b)
Reject.

Figure 2-5: Mole fraction of Oxygen for different numerical methods (a) Permeate (b) Reject.
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Figure 2-6: Mole fraction of Methane for different numerical methods (a) Permeate (b)
Reject.
The reject side acts as a source from which the components are passing through the membrane.
So, the permeation level decreases with a gradual decrease in reject. For a value of stage cut
from 0 to 0.05, the composition in reject is 0.09. This is the higher value recorded at the reject
side for any other value of stage cut. So, the value on the permeate side is also higher in that
stage cut value. Further increase in stage cut from 0.05 to 0.6, the reject level decreases. In
other words, the source from which the gasses have been permeated is decreasing which results
in the continuous decrease in permeate compositions. A similar behavior can be observed in
the case of nitrogen.
Oxygen and methane are the least permeable components in this case. Their graph shows
different variation in comparison with the hydrogen and nitrogen. Here the permeate streams
going to be increased while the rejected streams are increasing. Since these are the least
permeable components so the membrane does not allow them to be passed out. With the
continuous permeation hydrogen and nitrogen, space produces at the reject side or the reject
flow rate is becoming enriched with the least permeable components. At the permeate side, the
streams going to be increased slightly, and they can act as minor fractions in the permeate side.
Table 2-4 and Table 2-5 show the summarized numerical behavior of all methods in reject and
permeate streams respectively.

All model shows stable behavior

except numerica l

differentiation formulas (NDF) in reject streams. In permeate stream, three numerical methods
Dormand–Prince method, Adams-Bashforth-Moulton method, and modified Rosenbrock
formula of order 2 show stable behavior in all components while other numerical models have
inconsistent numerical behavior.
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Table 2-4: Numerical behavior of different methods in reject stream.
Numerical Behavior

Method

H2

N2

O2

CH4

Bogacki–Shampine

Stable

Stable

Stable

Stable

Dormand–Prince

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Unstable

Unstable

Unstable

Unstable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Adams-BashforthMoulton
Numerical
differentiation
formulas
Modified Rosenbrock
formula of order 2
Trapezoidal rule with
free interpolant
TR-BDF2

Table 2-5: Numerical Behavior of different methods in permeation stream.

Method

Numerical Behavior
H2

N2

O2

CH4

Bogacki–Shampine

Stable

Unstable

Unstable

Unstable

Dormand–Prince

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Stable

Unstable

Unstable

Unstable

Unstable

Stable

Stable

Stable

Stable

Stable

Unstable

Unstable

Stable

Unstable

Unstable

Stable

Unstable

Adams-BashforthMoulton
Numerical
differentiation
formulas
Modified Rosenbrock
formula of order 2
Trapezoidal rule with
free interpolant
TR-BDF2
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Table 2-6 shows CPU time elapsed by different numerical methods to solve the cross and cocurrent flow model for membrane gas separation. Adams-Bashforth-Moulton (ABM) method
used the least time of 0.247755 and 0.354268 seconds to solve the co-current and cross flow
model respectively while numerical Trapezoidal rule with free interpolant takes 0.622862 and
0.877675 seconds respectively to show the slowest behavior.
Table 2-6: Time elapsed by different numerical methods.
Time elapsed
Numerical method

(Seconds)
Co-current flow

Crossflow

Bogacki–Shampine

0.258900

0.363276

Dormand–Prince

0.304146

0.437841

Adams-Bashforth-Moulton

0.247755

0.354268

Numerical differentiation formulas

0.622262

0.870155

Modified Rosenbrock formula of order 2

0.502016

0.810065

Trapezoidal rule with free interpolant

0.622284

0.877675

TR-BDF2

0.477841

0.762346

Adams-Bashforth-Moulton (ABM) is observed as most stable and efficient method for the
separation of gasses through the membrane using the cross and co-current flow model. To
validate the model the results obtained by using ABM model are compared with experimenta l
results and simulation results reported by other researchers [21]. In the experiment, the pressure
value was kept constant at 20 bars and the effect of stage cut on reject and permeate
composition was examined by varying feed flow rate from 5 to 30 Nl•hr −1 . The reject side acts
as a source from which the components are passing through the membrane. So, the permeation
level decreases with a gradual decrease in reject. Permeate stream comprises H2 and CO2
mostly, and hydrocarbons are present in minor quantity. The stage cut marginally affect their
concentrations. 93% of permeate streams is enriched with hydrogen. Carbon dioxide
concentrations vary from 6.5 to 9.5% in permeate stream while methane and ethane total
concentration is less than 0.5% in the permeate stream. Figure 2-7 - Figure 2-10 show the reject
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and permeate mole fraction of hydrogen, carbon dioxide, methane, and ethane respectively
obtained using above mentioned the numerical method for co-current and cross flow patterns.
Since the flow rate acts as a driving force to permeate the gas mixture through the membrane.
So, with the increase in membrane area, the reject flow decreases and its tendency of
permeation decreases. A hollow fiber polyimide membrane module with an effective
membrane area of 10 cm2 was used for separation of a multicomponent gas mixture containing
H2 , CH4 , C2 H6 , and CO 2 . Actually, membrane separation of a gas oil desulfurization refiner y
stream was investigated. However, because of handling problems and safety consideration, H2 S
was used instead of CO 2 in the experiments. It must be stated that in the polyamide (PI)
membranes the permeabilities of CO 2 and H2 S are relatively the same. Operating parameters
and permeabilities of different components of the feed are given in Table 2-7 and Table 2-8
respectively.
Table 2-7: Operating Parameters for Separation of Multicomponent Mixture [21].
Ph

20 bar

Pl

1 bar

d

2.53 mm

Qf

15 Nl/h

Table 2-8: Operating Parameters for Separation of a Multicomponent Mixture [21].
Gas

Mole fraction at inlet

Permeability ×10-4
(cm3 (STP)/cm2 /s/cm Hg)

Hydrogen

0.675

2.9

Methane

0.167

0.037

Ethane

0.043

0.0064

Carbon dioxide

0.115

0.93
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Figure 2-7: Effect of stage cut on reject and permeate composition of H2 .

Figure 2-8: Effect of stage cut on reject and permeate composition of CO 2 .
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Figure 2-9: Effect of stage cut on reject and permeate composition of CH4 .

Figure 2-10: Effect of stage cut on reject and permeate composition of C 2 H6 .
The effect of stage cut on reject and permeate compositions is shown in these figures. The
values of the cross and co-current flow calculated by ABM model are approximate ly
overlapping except CO 2 . The concentrations of hydrocarbons are low due to due to their small
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amounts present in the permeate stream. Table 2-9 shows the comparison of other researcher’s
model with results predicted by this model. The good agreement can be observed between
experiment data and model results.
Table 2-9: Comparison of mole fraction of permeation results calculated by ABM model with
other models at stage cut = 0.5
S.P Kaldis

M. Peer

Gas

Co-current flow

Crossflow

Model [21]

Model [7]

Hydrogen (H2 )

0.92

0.91

0.93

0.92

Carbon dioxide (CO 2 )

0.079

0.074

0.073

0.075

Methane (CH4 )

0.0061

0.0054

0.002066

-

Ethane (C2 H6 )

0.0003

0.0002

0.002066

-

Figure 2-11: Permeate mole fraction against dimensionless area
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Figure 2-12: Residue mole fraction against dimensionless area
Permeate and residue mole fractions of different gasses against the dimensionless area are
demonstrated in Figure 2-11 and Figure 2-12 respectively.

Hydrogen remains enriched in

permeated stream because of their high permeability values. The trends of both permeated and
residues streams are decreasing for hydrogen. The permeability of hydrogen is greater than that
of the other components w.r.t. the membrane used for the separation process. So, at the initia l
area, the maximum amount of hydrogen mole fraction is passed through the membrane. The
residue side acts as a source from which the components are passing. So, the permeation level
decreases with gradually decreases in the residue.
2.3.1

Case study: Hydrogen recovery from gas streams of oil refineries

From various industrial applications of multicomponent membrane gas separation, recovery of
hydrogen with high permeate purity has been selected to validate the numerical method. As a
valuable gas hydrogen is produced and used in huge quantities in a broad range of oil reﬁning
processes. It is expected that in next ten years the demand for hydrogen in oil refineries will
increase rapidly because of increasing demand for environmentally friendly fuels. Mainly
Hydrogen is produced in two ways, on-site production and recovery of hydrogen from various
industrials processes where it is produced as a by-product. The selected numerical technique
for multicomponent membrane gas separation has been applied here to study the effect of
separation performance and hydrogen purity in permeate and retentate. Permeance values of
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polyimide membrane available in the literature are used to validate the results predicted by the
numerical model. The application of ABM method is extended for the gas streams of smallmedium oil refineries. Table 2-10 shows the operating parameters used to recover hydrogen
from various oil refineries [21]. Figure 2-13 shows the concentration of hydrogen in permeate
at different values of stage cut for various gas streams. It can be observed that due to a large
amount of hydrogen (85%-90%) present in gas streams, hydrogen purity in permeate is more
than 99% in case a, b and f. Stage cut does not have a notable effect on the concentration of
hydrogen in permeate. If the concentration of hydrogen is low as in cases c and d, the hydrogen
purity in permeate stream decreases sharply.
Figure 2-14 - Figure 2-16 summarize the concentration of hydrogen, methane and ethane in
reject stream against stage cut. At a high value of stage cut the hydrogen concentration decrease
in all cases. This observation is more intense in the cases of low hydrogen concentration (c and
d). Typically, the gasses like light hydrocarbons (methane and ethane) have a high value of
concentration in reject streams due to the least value of permeability. A mathematical model
for co-current flow is solved by ABM method for various oil refinery gas streams. It is
concluded that the permeate purity more than 99 % can be obtained at the stage cuts of 0.2-0.6.
With the selected ABM method, various operating conditions can be simulated effortles s ly,
speedily and precisely, for a membrane gas separation process.
Table 2-10: Reﬁnery gas streams available for hydrogen recovery.
Cases

(a)

(b)

(c)

(d)

Refinery

Flow

Gasses Compositions (%)

Processes

Naptha
Hydrotreater
Light Naptha
Isomerization
Mild
Hydrocracking
Mild
Hydrocracking

rate
C3 ,

H2 S (Nm3 /h)a

Temperature

Pressure

(0 C)

(bar g)

H2

CH4 C2 H6

90

5.2

1.8

3

-

500

35

40

85

5.2

2
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Figure 2-13: Mole fractions of H2 in permeate streams

Figure 2-14: Mole fractions of H2 in reject streams
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Figure 2-15: Mole fractions of CH4 in reject streams

Figure 2-16: Mole fractions of C 2 H6 in reject streams
2.4

Conclusion

The key emphasis of this study is the identification of proper numerical methods for the
simulation of co-current and cross flows, since this is of main significance for a precise
calculation of permeate and reject composition in a membrane gas separation processes.
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Therefore, different state of the art numerical methods of solving coupled differential equation
with initial value problems, namely Bogacki–Shampine method, Dormand–Prince method,
Adams-Bashforth-Moulton method, numerical differentiation formulas, modified Rosenbrock
formula of order 2, Trapezoidal rule with free interpolant and Trapezoidal rule with backward
difference formula of order 2 are compared. The presented numerical results show a strong
dependence of the computed behavior of the here considered membrane gas separation process
on the selected numerical method. It can be concluded that the physical and chemica l
knowledge of the process, formulated in the model equations, does not stringently determine
the computed process behavior [22].
Serious effects follow from the applied numerical method for the identification of model
parameters from experimental data. These problems are fixed by adjusting the step size and
tolerance level in MATLAB. Thus, it can be summarized, that stable and fast behavior of
Adams-Bashforth-Moulton method based on numerical integration can be identified as a proper
numerical method giving accurate results and requiring an acceptable computational effort for
the simulation of co-current and cross flow patterns, where permeation composition is one of
the dominating phenomena. Numerical results obtained from ABM method have been
compared to experimental and simulation results reported in the literature. The differe nce
between this method’s results with experimental results is maximum 3.5% while with other
researcher’s models is maximum 1.5%. A mathematical model for co-current flow is further
solved by ABM method for various oil refinery gas streams. It is concluded that the permeate
purity more than 99 % can be obtained at the stage cuts of 0.2-0.6. With the selected ABM
method, various operating conditions can be simulated effortlessly, speedily and precisely, for
a membrane gas separation process. Future work needs to be focused on the further
development of the model proposed using multiple permeation unit and membrane modules in
order to obtain a better description of permeate and reject composition.
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Chapter
3

MATHEMATICAL MODELING OF HELIUM RECOVERY USING
COUNTER-CURRENT FLOW PATTERN

Abstract
In this chapter, a mathematical model has been developed using membrane permeation for
the recovery of a helium from natural gas in hollow fiber modules. Recovery of a helium from
natural gas is an important process, so investigating a robust and accurate numerical model is
of great significance. The numerical approach described in this research illustrates the correct
separation of helium in a membrane module with minimal computational effort. The model
has been also applied for multistage membrane permeation in order to check its flexibility.
To our knowledge, this is first reliable numerical investigation for the recovery of a helium
from a gas mixture, consists of six components by using multistage membrane permeation
with countercurrent flow pattern. Membrane system structures and operating conditions are
easy to improve with this numerical model because of its algebraic nature and simplicity.

Keywords:
Numerical modeling; membrane gas separation; countercurrent; multistage permeation
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3.1

Introduction

Membrane systems are preferred in offshore installations due to their fewer area requirements
and low weight. Economical processes can be designed by combining membrane process with
cryogenic distillation or physical adsorption [1]. The main objective of chemical processes is
to find an appropriate path for numerical modeling and simulation. At this stage, it is not needed
to do numerical modeling and simulation of all possible processes choice. It is essential
to rely on that numerical model which is fast, accurate and requires less computation effort [2,
3]. Such model also required less information as compared to the complicated model, in which
generally detailed information is not available [4]. At this level, it is also vital to use such
numerical model which is also appropriate for optimization purposes. In this way, a user can
obtain realistic results speedily by using different operating conditions and structures [5, 6].
Limited reliable numerical models for membrane gas separation are available in the literature.
A spiral wound membrane modules design model was given by Hogsett et. al. [7]. A group of
algebraic equations can be derived for the performance of membrane [8] by assuming complete
mixing of the gas on permeate and feed side of the membrane. An explanation for binary
mixtures and counter-current permeators have presented by Boucif et. al. [9]. This model has
a tendency to overrate the performance of a module and is also stated to less accurate for certain
cases of stage cut and area [10]. Approximate analytic solutions have been derived by several
researchers for binary mixtures and counter-current permeators. This model is testified to be
very complex to initial estimates and to inaccurate from convergence problems [11]. An
estimated solution, effective for binary mixtures have been derived in a research paper by
Krowidi et al. [12]. The numerical model for the boundary value problem is complex and
required substantial computational efforts. Furthermore, concentration profiles and prior initia l
guesses of the pressure along the fiber length are needed. Subsequently, the membrane modules
available commercially have a preset length of fibers; in such case, this numerical model leads
to significant numerical complications because of the trial-and-errors involved. To overwhelm
the numerical difficulties in solving the boundary value problems, numerous changes, and
different numerical methods have been suggested to solve the model equations. These methods
do not actually ease the numerical problems but somewhat at low permeabilities the results
look to be inaccurate [13,16].
There are two major differences between the presented model and conventional models
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a. Broyden’s method has been used in this research instead of conventional Newton-Raphson
method. In addition to the speed advantage, Broyden’s method is simpler to configure. Because
Newton-Raphson uses the perturbations on every iteration, it is sensitive to the values chosen
for the perturbation size. If the perturbation is too small or too big, the method may take much
longer to converge on a solution or may not converge at all [17].
b. Paterson approximation has been used to calculate mean partial pressure difference across
the membrane instead of traditional log mean formula.
This chapter is composed of two case studies. First case study pertains to the mathematica l
modeling for the recovery of helium from a three-component gas mixture (He, N 2 , C1 -C4 ) [18].
The second case study attempts to model the recovery of helium gas from six component
natural gas using multistage membrane permeation. The natural gas considered in this study is
composed of He, CO 2 , N 2 , CH4 , C2 H6, and C3 H8 . The mathematical modeling comprising six
components is a complex and demanding research task in terms of the computatio na l
programming required for its solution. To the best of our knowledge based on the published
literature, our work is the first effort in this area of research. The numerical model is
implemented to countercurrent flow configuration with various operating conditions and found
very accurate for helium recovery from multicomponent natural gas. The numerical model is
used to study dynamic performance of different membrane module configurations for helium
enrichment and recovery from natural gas. Several operational modes for counter-current flow
pattern are also studied to increase the helium enrichment and recovery in the permeate stream.
3.2

Numerical Modeling

The objective of the research described here has been to formulate and implement a fast and
simple numerical model for gas separation by membrane separation. This part shows the
formulation of the numerical model and the assumptions used in it. A one fiber schematic
hollow fiber membrane module is shown in Figure 3-1 for countercurrent flow pattern. In
solution-diffusion model Fick’s law is used to express the local gas permeation [19]:
𝑑𝑛𝑖 =

𝑷 𝒊 𝑑𝐴(𝑝𝑓 ,𝑖−𝑝𝑝,𝑖 )
𝑑

(3.1)
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Figure 3-1: Schematic of hollow fiber membrane module
The area of a membrane needed for a specific separation value can be calculated up to higher
level of accuracy. Non-ideal behavior in the gas phase was explained by using Fugacity
coefficients [20]. The composition and pressure dependence was shown by implementing dual
mode transport model in the permeabilities of the gas mixture [21]. The pressure loss inside
the hollow fibers module was described by implementing Hagen-Poiseuille equation in the
differential form [22]. The internal investigation of membrane module by applying diffic ult
methods generally required detail data which is not available at the initial stage of numerica l
analysis. An efficient alternative numerical approach would require studying the hollow fiber
membrane module by using as less detail as possible without doing any compromise on
accuracy. This will be an adequate and favored approach at an initial formulation stage of the
model. In a hollow fiber membrane module, the following model dependent on equations
presented in differential form for the separation of a binary mixture [10]:
𝑑𝐹̅
𝑑𝑙 ̅

= −𝑅 {(𝑥 − 𝛿𝑦) + 𝑠 [(1 − 𝑥 ) − 𝛿(1 − 𝑦)]};

𝑑𝑥
𝐹̅ 𝑑𝑙 ̅ = −𝑅 {(1 − 𝑥 )(𝑥 − 𝛿𝑦) − 𝑠𝑥 [(1 − 𝑥 ) − 𝛿(1 − 𝑦)]};

(3.2)
(3.3)

As shown in Figure 3-2, the component and mass balances of feed side of the membrane
module are described by equations (3.2) and (3.3). The dimensionless membrane area, R is
expressed as
𝑅=

𝐴𝑃𝑓 𝑄1
𝑛𝑓

(3.4)
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Figure 3-2: Cross section area of a hollow fiber module
This model is dependent on the suppositions of trivial axial diffusion in permeate and feed side,
minor pressure losses at the feed side and plug flow at permeate and feed side. Membrane
permeation is never reached at a rate governed process-equilibrium. Rate governed methods
perhaps normally be defined by associations between a flux and a driving force. The relation
in driving force and flux is defined by the renowned integral equation,
𝑄 = 𝑈𝐴∆𝑇𝑙𝑚

(3.5)

Integral relation among differences in partial pressure and flux across the membrane can be
shown as
∫ 𝑑𝑛𝑖 = 𝑄𝑖 𝐴∆𝑃𝑙𝑚,𝑖 ;

(3.6)

Equation (3.7) is used to express 𝑃𝑙𝑚,𝑖 , considering module operating under counter-current
flow
∆𝑃𝑙𝑚,𝑖 =

(𝑝𝑓,𝑖 −𝑝𝑝,𝑖)− (𝑝𝑟,𝑖 −𝑝𝑝𝑐 ,𝑖 )
ln

(𝑝𝑓 ,𝑖−𝑝𝑝,𝑖 )
(𝑝𝑟,𝑖 −𝑝𝑝𝑐,𝑖 )

=

(𝑝𝑓𝑥 𝑓,𝑖 −𝑝𝑝 𝑦𝑝,𝑖 )− (𝑝𝑟𝑥 𝑟,𝑖 −𝑝𝑝𝑐 𝑦𝑝𝑐 ,𝑖)
ln

(𝑝𝑓 𝑥 𝑓,𝑖 −𝑝𝑝 𝑦𝑝,𝑖)

(3.7)

( 𝑝𝑟 𝑥 𝑟,𝑖 −𝑝𝑝𝑐 𝑦𝑝𝑐 ,𝑖 )

Correct data about the active thickness of commercial membranes modules used for gas
separation is normally not accessible. For membrane module, the component material balances
are shown by equation (3.8).
𝑛𝑓 𝑥𝑓,𝑖 = 𝑛𝑃 𝑦𝑃,𝑖 + 𝑛𝑟 𝑥 𝑟,𝑖

(3.8)

∫ 𝑑𝑛𝑖 = 𝑛𝑃 𝑦𝑃,𝑖

(3.9)

Assuming ideal gas in the hollow fibers the partial pressure in the closed end is given by
𝑝𝑝𝑐,𝑖 = 𝑃𝑝𝑐 𝑦𝑝𝑐,𝑖

(3.10)

In hollow fibers, it is difficult to apply numerical modeling on the pressure drop. A
methodology adopted by several researchers is to use Hagen-Poiseuille equation in a
differential form to define the pressure change within the hollow fibers [21-23].
𝑃

𝑑𝑃𝑝
𝑑𝑙

=

128𝜇 𝑃𝑠 𝑇
𝜋𝑁 𝐷𝑖4 𝑇𝑠

𝑛𝑝 (𝑙)

(3.11)
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The inner and outer diameter require in this numerical approach. For membrane modules
working at high-pressure differences, it looks acceptable to adopt that the pressure drop within
the hollow fibers is insignificant equated to the driving forces. Therefore
𝑃𝑝𝑐 = 𝑃𝑝

(3.12)

In a binary mixture, the resulting explicit equation on a differential area element for permeate
can be formulated [24]:
y𝑝𝑐,𝑖 =

1+(𝛼−1)(𝛿 𝑟+𝑥 𝑟)
2𝛿 𝑟 (𝛼−1)

−

√ ( 1+(𝛼−1)(𝛿 𝑟+𝑥 𝑟) ) 2−4𝛿 𝑟 𝛼(𝛼−1)𝑥 𝑟
2𝛿 𝑟(𝛼−1)

(3.13)

This expression is derived for the conditions of counter-current flow.
Established on the reasons published by Weller and Steiner [8], it can be presented that the
resulting expression should exist between the components:
y𝑝𝑐 ,𝑖
y𝑝𝑐 ,𝑖+1

=𝑄

𝑄𝑖 (𝑥 𝑟,𝑖−𝛿 𝑟𝑦𝑝𝑐 ,𝑖 )

𝑖 +1 (𝑥 𝑟,𝑖+1 −𝛿 𝑟𝑦𝑝𝑐 ,𝑖+1 )

; 𝑖 = 1, … , 𝑛𝑐 − 1

(3.14)

Equations (3.6), (3.9) and (3.12) jointly give
𝑛𝑓 𝜃𝑦𝑝,𝑖 = 𝑄𝑖 𝐴∆𝑃𝑖,𝑙𝑚 ; 𝑖 = 1, … , 𝑛𝑐

(3.15)

Equation (3.7) defined∆𝑃𝑖,𝑙𝑚 . By introducing the stage cut changes the material balance and
equation (3.8) becomes dimensionless.
𝑥𝑓,𝑖 = 𝜃𝑦𝑝,𝑖 + (1 − 𝜃)𝑥 𝑟,𝑖 ; 𝑖 = 1, … , 𝑛𝑐 − 1

(3.16)

𝑛𝑐
𝑛𝑐
𝑛𝑐
Lastly ∑𝑛𝑐
𝑖 =1 𝑥𝑓,𝑖 = 1 ∑𝑖 =1 𝑥 𝑟,𝑖 = 1 ∑𝑖 =1 𝑦𝑝,𝑖 = 1 ∑𝑖=1 𝑦𝑝𝑐,𝑖 = 1

(3.17)

The equations (3.14)–(3.17) include a complete numerical model of a membrane, containing
algebraic equations. This numerical model could not be applied on the shell side to guess the
pressure drop of the membrane module. The pressure drop in shell side will be usually less than
1 bar in the case of commercial membrane modules, and in most cases, the default value of 0.3
bars may be applied. It is of immense significance for the numerical model to provide steady
initial start approximations with robust and fast convergence.
The above numerical model can be redeveloped by implementing the Paterson approximatio n
to the logarithmic mean [25]. By using stage cut, retentate and permeate concentration can be
obtained. The results obtained by this approach can be considered as the starting point for the
solution or more optimization of the numerical technique for further conditions.
3.3
3.3.1

Results and Discussion
Case I: Helium recovery from flue gas of three components

The proposed mathematical model has been applied to the data reported in the literature. The
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operating parameters and module design considered for the comparison and validation of the
membrane systems are summarized in Table 3-1 [26].
Figure 3-3 shows the concentration of helium in permeate stream against stage cut. Any degree
of helium removal from the residue stream may be obtained, by increasing the portion of the
total feed stream gas that permeates the membrane. The ratio of total permeate flow to total
feed flow is known as the stage cut. The helium losses in the residue stream can be cut to a
very low level by operating the membrane separation step at high stage-cut. If the process is
run at high stage-cut, substantial amounts of the less permeable gasses present in the feed
stream will permeate the membrane. In this case, the composition of the permeate stream may
be only marginally richer in helium than the feed stream, and it is preferred to return the
permeate stream to the feed stream.
Figure 3-4 describes the dimensionless membrane area required for a specific value of helium
in the permeate stream. Case2 is giving a high value of helium in permeation stream as
compared to case1 for the same value of dimensionless membrane area.
Table 3-1: Operating parameters for membrane systems
Case1

Case2

Membrane material and type

Ethyl cellulose hollow fiber

Ethyl cellulose hollow fiber

Flow configuration

Countercurrent,

shell

side Countercurrent,

shell

feed

feed

Feed flow rate (lbmol/h)

721

87

Feed composition

Helium (He): 0.4%

Helium (He): 2.5%

Nitrogen(N 2 ):16.9%

Nitrogen(N 2 ): 27.7%

Hydrocarbons

(C 1 -C4+): Hydrocarbons

82.70%

69.8%

Feed pressure (psia)

365

383

Permeate pressure (psia)

18

18

Temperature (K)

301

322

side

(C 1 -C4+):
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Selectivities

He/N 2 : 4.6

He/N 2 : 4.6

He/CH4 : 1.8

He/CH4 : 1.8

N2 /CH4 :0.4

N2 /CH4 :0.4

Figure 3-5 shows the recovery of helium in permeate streams at various stage cuts for differe nt
cases. It can be observed that high recovery of helium is obtained at high stage cut. The
recovery value of helium in both cases is overlapping with the value reported in the literature
at stage cut≈0.2. In both cases, 97% or more helium recovery is obtained in permeate stream
at 0.35 value of stage cut.
Figure 3-6 illustrates the relationship between the stage cut and dimensionless membrane area.
The membrane area required to perform the helium separation increases with the stage-cut. In
a specific situation, capital and operating cost considerations may impose an upper limit on
stage-cut. Nevertheless, it is envisaged that the process of the membrane gas separation will
often be advantageous when running at comparatively high stage-cut, such as at least 0.2 or
more.
Figure 3-7 shows two membrane separators in four different operating modes with differe nt
permeate pressure configurations. The permeate pressure in the permeator is assumed to be
uniform, but different for each permeator (either 18 psia or 25 psia). In Mode A, the feed gas
with lower permeate pressure enters the unit and the residue is treated by the unit with a higher
permeate pressure. This is the intermediate operating mode as shown by the permeate
concentration and helium recovery shown in the figure. Reverse feed flow is applied to operate
mode B, this mode appears as most efficient one. In mode, C permeator is operated with the
same feed and residue concentrations with different feed flow rates, has the least permeation
and recovery value of helium. Feed stream with high flow rate entered in low permeate pressure
separator. Mode D operates high flow stream with high permeate pressure separator. Feed
stream with high flow rate entered in high permeate pressure separator. This mode is also an
intermediate operating mode like mode A. The process of the membrane gas separation can
reach significant decreases in helium loss with a single membrane separation stage. More
stages or steps may optionally be used as preferred to increase the concentration of helium in
permeate or otherwise adjust the composition of permeate or residue streams.
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Figure 3-3: Helium mole fraction in permeate as a function of stage cut

Figure 3-4: Helium mole fraction in permeate as a function of dimensionless membrane area
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Figure 3-5: Helium recovery in permeate against stage cut for different case

Figure 3-6: Stage cut vs. dimensionless membrane area
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Figure 3-7: Effect of permeate pressure variation on permeation in multistage membrane separator

3.3.2

Case II: Helium recovery from natural gas of six components

The proposed numerical model has been applied to the data reported in the literature. The
operating parameters for cellulose acetate membrane hollow fiber with countercurrent flow
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configuration are summarized in Table 3-2 [27-29]. Feed flow rate is changed to obtain
different valued of stage cut for the evaluation of membrane module.
Table 3-2: Operating parameters for numerical modeling
Component

Helium

Carbon

Nitrogen

Methane

Ethane

Propane

dioxide
Symbol

He

CO2

N2

CH4

C2 H6

C3 H8

Mole fraction (%)

0.82

1

15

71.1

6.4

5.68

Permeability

7.79

0.27

0.044

0.041

0.024

0.017

(barrer)a
a

1 barrer = 1×10-10 cm3 (STP) cm cm-2 s-1 cm Hg-1 .

Figure 3-8 shows the concentration of helium and other components in permeate stream against
stage cut, obtained by using above mentioned numerical methods. As the helium permeate due
to high selectively, any degree of helium removal from the retentate stream may be obtained,
by increasing the portion of the total feed stream gas that permeates the membrane. The ratio
of total permeate flow to total feed flow is known as the stage cut. The helium losses in the
retentate stream can be cut to a very low level by operating the membrane separation step at
high stage-cut. If the process is run at high stage-cut, substantial amounts of the less permeable
gasses present in the feed stream will permeate the membrane. In this case, the composition of
the permeate stream may be only marginally richer in helium than the feed stream, and it is
preferred to return the permeate stream to the feed stream. Since the flow rate acts as a driving
force to permeate the gas mixture through the membrane. So, with the increase in membrane
area, the retentate flow decreases and its tendency of permeation decreases. The retentate side
is a source of permeate, therefore, the rate of permeation decreases with a gradual decrease in
the retentate. For a value of stage cut from 0 to 0.05, the higher value of composition recorded
on the retentate side. So, the mole fraction of a component in the permeate side is also higher
in this stage cut. Further increase in stage cut from 0.05 to 0.25, the retentate level decreases.
In other words, the source from which the gasses have been permeated is decreasing which
results in the continuous decrease in permeate mole fraction of helium. Methane and nitrogen
are the less permeable components in this case. Their curves show different variations in
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comparison of helium. Here the permeate streams going to be increased while the retentate
streams are increasing. Since these are the least permeable components so the membrane does
not allow them to be passed out. With the continuous permeation of helium, space produced at
the retentate side or the retentate flow rate is becoming enriched with the least permeable
components. At the permeate side, the streams going to be increased slightly, and they can act
as minor fractions in the permeate side. Carbon dioxide, ethane, and propane have small mole
fraction in a permeate stream due to low selectivities [30].

Figure 3-8: Permeate mole fraction as a function of stage cut
Figure 3-9 describes the helium mole fraction in permeate stream at different pressure ratios
(pressure ratio= permeate pressure/feed pressure). The feed pressure is changed to obtain the
different value of pressure ratio by keeping permeate pressure constant. At the high value of
feed pressure, the low value of pressure ratio is achieved. At the initial values of stage cut i.e.
0 to 0.05, the helium mole fraction in permeate stream is better at the low-pressure ratio. At the
higher values of stage cut i.e. 0.05 to 0.30, there is no significant difference between the helium
concentration in permeate stream at various pressure ratios.

56

Figure 3-9: Helium mole fraction in permeate at various pressure ratios
Figure 3-10 shows the recovery of helium in permeate streams at different pressure ratios as a
function of stage cut. It can be observed that high recovery of helium of 99% is achieved at
initial values of stage cut. The recovery value of helium is overlapping at higher values of stage
cut. The maximum value of 99.7% is achieved by implementing this numerical model for the
recovery of helium from natural gas.

Figure 3-10: Helium recovery in permeate against stage cut for different pressure ratios
57

Pan et al. [22,28] reported recovery of helium from natural gas composed of three components
using high flux asymmetric membranes. The proposed numerical approach is not limited to the
number of components in a gas mixture. Here the model is adopted for the recovery of helium
for a natural gas mixture of six components.
Figure 3-11 shows two membrane separators in four different operating modes with differe nt
permeate pressure configurations. The permeate pressure in the permeator is assumed to be
uniform, but different for each permeator (either 100 kPa or 300 kPa). In all modes, the
retentate stream for the first stage serves as a feed for the second stage. In Mode A, the feed
gas with lower permeate pressure enters the unit and the retentate is treated by the unit with a
higher permeate pressure. This is the intermediate operating mode as shown by the permeate
concentration and helium recovery shown in the figure. Reverse feed flow is applied to operate
mode B, this mode appears as most efficient one in terms of both helium permeation and
recovery. In mode C permeator is operated with the same feed and retentate concentratio ns
with different feed flow rates, has the less permeation value of helium as compared to mode B.
Feed stream with high flow rate entered in low permeate pressure separator. Mode D operates
high flow stream with high permeate pressure separator. Feed stream with high flow rate
entered in high permeate pressure separator. This mode is operated like mode C. The process
of the membrane gas separation can reach significant decreases in helium loss with a single
membrane separation stage. More stages or steps may optionally be used as preferred to
increase the concentration of helium in permeate or otherwise adjust the composition of
permeate or retentate streams.
Selectivity and permeability of the membrane eventually play an important role in the
permeation of the desired gas. Multistage membrane separators are used to achieve the certain
level of helium in the permeate stream. This process is shown in Figure 3-12. This
configuration is simulated by increasing stage cut at the same pressures in feed and permeates
side for all three membrane separators. The higher product concentration and permeation rate
are achieved at the low-pressure ratio. Same pressures on both sides of the membrane are
maintained with the use of a compressor to achieve higher driving force. The permeate from
the first stage serves as the feed to the second stage and similarly permeate of second stage acts
as the feed to the third stage. Table 3-3 describes the values of streams shown in Figure 3-12.
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It is possible to achieve a permeate stream with 99.8% helium in three stages as shown in
stream 7.

Figure 3-11: Effect of permeate pressure variation on permeation in multistage membrane
separator
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Figure 3-12: Multistage membrane permeation of helium from 0.82% feed
Table 3-3: Values of streams shown in Figure 3-12
Stream

He

CO2

mol%

mol%

N2
mol%

CH4

C2 H6

C3 H8

Feed

mol%

mol%

mol%

km3 /d

1

0.82

1.00

15.00

71.10

6.40

5.68

1768

2

0.00

0.80

15.10

71.70

6.60

5.80

1675.64

3

15.70

4.70

13.70

60.70

3.20

2.00

92.36

4

2.60

5.10

15.90

70.40

3.70

2.30

78.52

5

90.30

2.70

1.30

5.50

0.10

0.10

13.84

6

83.50

4.50

2.20

9.50

0.20

0.10

8.14

7

100.00

0.00

0.00

0.00

0.00

0.00

5.70

8

0.50

1.01

15.03

71.12

6.42

5.60

1762.30
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3.4

Conclusion

The numerical model based on Broyden’s method and Paterson approximation proposed in
this research work has advantages over other models commonly used; it requires least
computational effort and time with better solution stability. Additionally, the computatio na l
complexity does not increase, as the number of separation stages increase. The model predicted
the helium separation and recovery from multiple components gas mixture with different flow
rates and cases quite adequately. By observing the data of the mathematical model, it was found
that the membrane can recover up to 99.9% helium in the permeate stream at high stage cut. It
was also shown that these membranes can be used in recover helium in the permeate stream
from the single-stage operation. Further enrichment recovery of helium is possible with multistage separation.

In helium recovery, the model is used for predicting the membrane gas

separation performance and the required dimensionless membrane area. The countercurre nt
flow pattern is used to predict the permeate mole fraction and the dimensionless membrane
area requirement for helium gas separation. In the development of a practical permeation
process, it is essential to reduce the membrane area requirements in order to decrease the cost
of the process. The countercurrent flow pattern predicted the high permeate mole fraction with
minimum membrane area. This flow pattern is used to study the effect of different variables on
separation of helium from the gas mixture. These variables included flow rate and compositio n
of the feed, the pressure difference over the membrane and the total membrane area. The model
is applicable to both single and multi-stage separation. Different modes are compared at
different permeation pressure to predict a most efficient operating mode. The two or more
separators at increasing pressure ratio and stage cut can be used to increase the overall
performance of helium permeation, especially when a high concentration of the helium is
needed.
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Chapter

4

DEVELOPMENT OF USER DEFINED EXTENSION FOR THE
SIMULATION OF MEMBRANE PROCESS IN ASPEN HYSYS

Abstract
Membrane gas separation has gained an important place in process industry for various
applications. ASPEN HYSYS is a widely used commercial simulation software for process
flow design. However, there is no built-in unit operation available in ASPEN HYSYS for
membrane processes. In this chapter, a user-defined extension has been developed and
implemented by using commercial process simulators ASPEN HYSYS. The module has been
used for the design and simulation of membrane processes. The benefit of this user defined
extension is that it can be easily linked with ASPEN HYSYS. A CO 2 selective membrane has
been used to separate CO 2 from the flue gas as a case study. This work analyses the effect of
two-stage membrane

process, using

different

streams and having

different

process

configurations. The results have been verified with the data available in the literature. The
proposed unit operation extension shows good agreement with published results.
Keywords
Mathematical modeling, membranes, simulation, gas separation, ASPEN HYSYS, CO 2
capture
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4.1

Introduction

Chapter 2 and 3 of the thesis are focused on the mathematical modeling of membrane gas
separation using MATLAB. But, it can only be used for standalone calculation of membrane
gas permeation. A unit operation/ process modeled in MATLAB cannot be integrated into
ASPEN HYSYS. So to utilize the powerful features of ASPEN HYSYS to model the
membrane-based gas separation process and integrate it with other unit operations in ASPEN
HYSYS environment, it was scientifically important to develop the user defined membrane
extension. Now there is a possibility to utilize the advanced features of ASPEN HYSYS HYSY
to develop the process flow design implementing user-defined membrane extension for gas
separation. Moreover, this user-friendly membrane extension can be also used with other unit
operations in ASPEN HYSYS. Process engineers can implement this use-defined extension as
a powerful tool to model a chemical process including a membrane-based separation unit.
From the survey of the published literature, ASPEN HYSYS is found to be one of the promising
software for process flow designing of membrane gas separation processes. It provides a
component-based framework that can be easily modified, modernized and retained to meet
changing user necessities [1]. A user-defined membrane model can be applied in conjunctio n
with the ASPEN HYSYS solution procedure adapting the Visual Basic (VB) or C++ subroutine
[2]. Hussain and Hagg [3] applied a one dimension hollow fiber membrane model in ASPEN
HYSYS for the feasibility study of CO 2 capture by comparing the process economics of several
process configurations. Peters et al. [4] performed a simulation analysis interfaced within
ASPEN HYSYS to compare the performance and economics of an amine absorption process
and a simple membrane unit. He and Hagg [5] also adapted the ASPEN HYSYS process
simulator with the integration of ChemBrane to evaluate the techno-economic feasibility of
their respective membrane systems associated to hollow fiber carbon membranes and fixed site
carrier membranes. In this research unit operation extensions is implemented to enhance the
functionality of an ASPEN HYSYS for membrane gas separation. To the best of our knowledge
of the published literature, this is the first attempt where user define extension is impleme nted
along with ASPEN HYSYS for the separation of CO 2 from multicomponent flue gas.
The Global energy demand is constantly growing and the increasing amount of fuels being
consumed leads to more pollutants entering the atmosphere. Though globally people are more
aware of the environmental danger of this and have stopped releasing some greenhouse gasses
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(GHG) into the atmosphere but CO 2 concentration is still increasing in the atmosphere. Over
half of this is due to industrial practice. There are currently many initiatives to control and
decrease GHG emissions, these include renewable energy development, reduction of energy
consumption, improved efficiency of energy processes and CO 2 capturing. One way to reduce
the emission of CO 2 , particularly from industrial work, is to capture and store CO 2 [3,6-8].
There are many separation processes including membranes, adsorption, and absorption, being
researched both pre (when CO 2 is removed from the combustion chamber) and postcombustion (when CO 2 is removed from the flue gas). The majority of research is being
focused on post-combustion CO2 capture as this is easy to implement on current power plants,
and can be adapted to many industrial processes such as cement and steel industries to lower
CO 2 exhaust from furnaces.
Separation of CO 2 from flue gas can be considered as a CO 2 /N2 separation problem for which
there are currently many solutions. Amine absorption is considered the best availab le
technology despite it being energy intensive, and having problems with alkanoamine
degradation. Uncertainty lies around membrane separation technology due to the membranes
sensitivity to extreme operation conditions, namely temperature, pressure and flow rates [9].
However, membranes offer vast potential with low initial investment, small footprint, low
energy requirements, ease to scale up and the ability to integrate modular upscaling to existing
membrane technology [10,11].
Current research is focused on limiting the uncertainty in the numerical analysis of membrane
gas separation. Membrane research groups have developed a CO 2 capture membrane with
facilitated transport which boosts selectivity of 200 and permeance of 1 m3 (STP)/hr.bar.m2 .
The ultra-thin polyvinyl amine supported on polysulfone has promising preliminary results for
gas separation [12,13]. The technical possibility of membrane CO 2 capture has been confir med
the use of two-stage membrane process with efficient process design. The aim of the simula tio n
analysis was to verify the results with data available in the literature [3]. The aim was to achieve
90% CO 2 recovery and 90% purity in permeate which is considered necessary in the applicatio n
of membrane gas separation [14]. A low CO 2 concentration (10%) was chosen in the feed flue
gas to show the technologies applicability in a variety of situations despite the fact that
membrane gas separation favors higher initial concentration.
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4.2

Principles of Membrane Gas Separation

The function of a membrane is dependent on some parameters, i.e. membrane material, gas
components and process conditions. The solution-diffusion model is most commonly used
mechanism for gas permeation through polymer membranes [15].
From Fick’s law, it is possible to derive the principle flux equation which is valid when the
driving force is the difference in partial pressure. Flux (J) is shown by:
𝑞 𝑝𝑖
𝐴𝑚

𝑦

= 𝑞𝑝𝑖 × 𝐴𝑝𝑖 = 𝐽𝑖 =
𝑚

𝑃𝑖
𝑙

(𝑝ℎ 𝑥𝑖 − 𝑝𝑙 𝑦𝑖 )

(4.1)

For gasses permeability is defined as diffusivity multiplied by solubility:
𝑃=𝐷

𝑚2
𝑠

𝑚3

× 𝑆 𝑚3 .𝑏𝑎𝑟

(4.2)

α, selectivity is the ratio of the most permeable component to the low one:
𝛼=

𝑃𝑖
𝑃𝑗

(4.3)

The separation factor “α*” is highly dependent on the mole fraction of a component in the feed.
∗

𝛼 =

𝑦𝑖
𝑦𝑗
𝑥𝑖

(4.4)

𝑥𝑗

which is also known as process selectivity. Gas separation is governed by pressure ratio and
selectivity. There is a pressure ratio limited region when pressure is low relative to selectivity.
In this study like, the model is based on solution diffusion alone. It does not differentiate
between mass transfers from carrier effect or solution diffusion. For the reason, instantaneo us
reaction equilibrium concentration and carrier concentration are irrelevant in this simulation.
4.3

Process Conditions and Simulation Method

The concentration of CO 2 in flue gas can vary from 7 – 30% depending on the process [16].
Most membrane studies have considered binary separation problem of CO 2 /N 2 , whereas in this
study the flue gas composition is 10% CO 2 , 80% N 2 , 5% O 2 and 5% H2 O. Components of the
flue gas with negligible concentrations are in this work, i.e. ash, NO2, and SO x . The following
process variables have to be considered when dealing with the simulation of membrane
processes: feed flow rate, permeate flow rate, temperature, composition, pressure ratio between
upstream and downstream, pressure across the membrane and stage cut (θ) being the ratio of
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permeate flow rate to feed flow rate. The recovery (R) of the desired component (CO 2 ) can be
calculated using the following equation:
𝑅=

𝜃 𝑦𝑖

(4.5)

𝑥𝑖

Where yi, considered the “purity” is the mole fraction of CO 2 in the permeate stream and x i is
the mole fraction of CO 2 in the feed stream.
For post-combustion studies, the flow rate of flue gas is dependent on the source of emissio ns,
which can often be high. For this study, flue gas flow rate is assumed to be 1×10 6 kg/hr which
is realistic and has been reported in [17]. The temperature of the flue gas is 40 ℃ and the
pressure 1 bar. In order to maximize the driving force across the membrane, creating a higher
pressure ratio, the flue gas is compressed from 1 to 5 bar before entering the membrane. This
simulation was performed with a permeate pressure of 25mbar to 75mbar.
In this simulation due to limitations in the membrane interface, sweep gas and recycling
streams were not used. The following assumptions are also made [18]: (1) Permeability is
independent of pressure and concentration (2) Pressure drop on feed side is negligible (3)
Assumed the steady state (4) The membrane is of uniform thickness (5) There are no
concentration gradients in perpendicular direction of the membrane (6) The total pressure is
essentially constant on each side of the membrane.
CO 2 /N2 selectivity value of 200 is scaled up to 5 bars for facilitated membrane transport. A
one-dimensional isothermal model used in this study in order to calculate the performance of
a CO 2 selective hollow fiber membrane. An in-house membrane interface coupled with ASPEN
HYSYS 7.3 has been used to investigate and confirm the effects of parameters and membrane
stage configuration by designing the process flow simulations.
The membrane module can take any number of components and calculate the composition of
permeate and retentate streams given permeance and membrane area are defined. Complex
simulations can be evaluated as the interface allows any number of modules to be added and
can calculate results for countercurrent flow pattern. In this simulation, the membrane was
divided into m sections of equal area. In a membrane, feed side molar flux for each component
can be calculated by:
𝑑𝐹𝑖 = 𝑃𝑖 (𝑝ℎ × 𝑦𝑖𝑓 − 𝑝𝑙 × 𝑦𝑖𝑝 )𝑑𝐴

(4.6)
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Where 𝑑𝐹𝑖 is molar flow in feed, 𝑃𝑖 is permeance of component i, 𝑝ℎ is feed side pressure,
𝑦𝑖𝑓 is feed mole fraction of component i, 𝑝𝑙 represents permeate side pressure, 𝑦𝑖𝑝 is permeate
mol fraction of component and 𝑑𝐴 the differential membrane area.
The simplest system to solve is co-current flow as permeate and feed conditions are known at
the same point in the model (the inlet). Plug flow on both sides of the membrane is assumed.
This formula equates to the mole fraction of component i as:
𝐹

𝑦𝑖𝑓 = ∑ 𝐹𝑖𝑓

(4.7)

𝑘𝑓

In which ∑ 𝐹𝑘𝑓 is the sum of all components in the feed.
The permeate side mole fraction is also shown by:
𝐹𝑖𝑝

𝑦𝑖𝑝 = ∑

𝐹𝑘𝑝

(4.8)

It follows that the permeate balance is:
𝑑𝐹𝑖𝑝 = −𝑑𝐹𝑖𝑓

(4.9)

The terms being molar flow in permeate and molar flow in feed respectively.
For co-current flow, the model is a system of coupled linear differential equations. To integrate
these equations and compute the final retentate composition a higher order numerical method
algorithm is used (Stream gasses are part of the system of equations as they are fed into
permeate). A more intricate solution is needed when a cross-flow model is used. This is due to
the fact that permeate and feed mole fractions are coupled along the whole length of the
membrane.
Permeate concentration is given by:
𝐹

𝑦𝑖𝑝 = ∑ 𝐹𝑖𝑝𝑚

(4.10)

𝑘𝑝𝑚

which is equal to all points so is also the outlet permeate. This is solved by iteration over an
initial concentration estimate to find the final permeate fraction.
The most efficient system to solve is counter current flow which is used in this study. These
complications arise because of the concentration profile on the permeate side and the fact the
exit permeate flow is unknown.
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There are opposite directions of flow for feed and permeate so the balance is:
𝑑𝐹𝑖𝑝 = 𝑑𝐹𝑖𝑓

(4.11)

This model can be solved using two different numerical approaches: (1) The flux along the
membrane is calculated using the higher order numerical method and iteration over permeate
flow is conducted until convergence to a solution is achieved. (2) Successive stages model with
permeates approximated [19]. Though similar results were calculated for both approaches but
the second method is stronger as it still shows valid results even when component driving forces
are very small.
An iterative method is used to solve for the output partial pressures such that mass is conserved
over the unit. The membrane unit calculation code attempts to solve for all the components
iteratively using the given scheme. Assume output composition is the same as feed
composition, and calculate a set of Log Mean Pressures (LMPs). Using these LMPs calculate
permeate flow rates and hence output flow rates via a mass balance. Based on these flow rates
calculate another set of LMPs. These two sets of LMPs now provide a bracket with the possible
extreme values. A bisection search is then performed to home in on the correct answer. At
each iteration, new LMPs are calculated at the bisection, and hence permeate flows and another
new set of LMPs. The appropriate LMPs that form the new bracket are selected and iterations
continue. LMPs are considered to be converged when the values calculated on successive
iterations differ by less than 0.2 kPa. Additionally, if the calculations do not converge within
200 iterations then the extension returns an error. The solution algorithm of bisection method
is as follow:
1. Start
2. Read x1, x2, error (Here x1 and x2 are initial guesses)
3. Compute: f1 = f(x1) and f2 = f(x2)
4. If (f1*f2) > 0, then x1 and x2 are wrong and GOTO (11)
Otherwise, continue.
5. x = (x1 + x2)/2
6. If (|(x1 – x2)/x | < error), then display x and GOTO (11)
7. Else, f = f(x)
8. If ((f*f1) > 0), then x1 = x and f1 = f.
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9. Else, x2 = x and f2 = f.
10. GOTO (5)
(Now the loop continues with new values)
11. Stop
The input data used for process conditions are based on literature [3]. They are outlined below:
(1) Feed composition 10% CO 2 , 80% N 2 , 5% O 2 and 5% H2 0. (2) The Permeance values are:
PCO2 = 1(𝑚3 (𝑆𝑇𝑃)⁄𝑏𝑎𝑟. 𝑚2 . ℎ𝑟), PO2 = 2x10-2 (𝑚3 (𝑆𝑇𝑃)⁄𝑏𝑎𝑟. 𝑚2 . ℎ𝑟), PN2 = 5x103

(𝑚3 (𝑆𝑇𝑃)⁄𝑏𝑎𝑟. 𝑚2 . ℎ𝑟), PH2O =

2.25x10-9 (𝑚3 (𝑆𝑇𝑃)⁄𝑏𝑎𝑟. 𝑚2 . ℎ𝑟).

(3)

Compressor

adiabatic efficiency assumed at 90%. (4) All Heat exchangers have no pressure change. (5)
Vacuum pumps adiabatic efficiency 75%.
4.4

ASPEN HYSYS extensibility

The most powerful features of the ASPEN HYSYS program enables users to add additiona l
unit operations by using either user unit operations or unit operation extensions. Hussain and
Hägg [3] applied user unit operations in their study while in this research unit operation
extensions is implemented to enhance the functionality of an existing program in a direct and
seamless manner. User unit operations and unit operation extensions differ from each other in
several ways; the most important difference is the location of the defining code. With a unit
operation extension, the defining code exists outside of the ASPEN HYSYS simulation in a
separate DLL (Dynamic Link Library); while the defining code for a user unit operation is
written and exists within the ASPEN HYSYS simulation.
User unit operations and unit operation extensions both offer the ASPEN HYSYS user an
opportunity to increase the functionality of the ASPEN HYSYS program through the addition
of custom built unit operations. These two features have differences that direct them towards
different areas of application.
One disadvantage of the user unit operation is that the code is not in a compiled form like it is
for an extension. This means that the user unit operation code cannot be distributed without
possibly distributing confidential and proprietary information. Another limitation is that the
views for the user unit operation cannot be modified and customized like the views for
extensions.
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On another hand, once created, ASPEN HYSYS extensions interact seamlessly with the
ASPEN HYSYS interface. Unit operation extensions can be installed just like the ordinary unit
operations, they are solved the same way and have similar property views.
4.4.1

ASPEN HYSYS extension structure

An ASPEN HYSYS extension consists of two separate and distinct files. Firstly, the ActiveX
server DLL (Dynamic Link Library) file that contains the compiled code and defines the
operation of the extension. Secondly, the EDF (Extension Definition File) that acts as the link
between the DLL and the ASPEN HYSYS program. The DLL file is the compiled code written
in the object-oriented programming language (VB). The EDF file is created using the
Hyprotech Extension View Editor (supplied with the ASPEN HYSYS program). The EDF acts
as the "translator"; it also acts as a place to declare variables used in the extension and held by
the simulation. The EDF can also be referred to as a Container. While the DLL file contains
the code that will define the operation of the extension, the EDF will define the appearance of
the extension in the ASPEN HYSYS environment. The relationship between the ASPEN
HYSYS program, the EDF, and the DLL can be represented graphically in Figure 4-1.

Figure 4-1: ASPEN HYSYS extension structure
Note that ASPEN HYSYS does not communicate directly with the DLL file; rather, all
communication passes through the EDF file. For this reason, it is necessary that all variables
that will coexist in both ASPEN HYSYS and the DLL be declared and defined in the EDF.
There are six basic steps that outline the procedure for creating an extension for the ASPEN
HYSYS program. These six steps are the same for each type of extension; however, what is
done for each step will be different depending on the type of extension you are creating.
The six steps to creating an extension are:
1. Create the Extension Definition
2. Create the object views using the Extension View Editor
3. Implement the required methods
4. Register the extension
5. Debug the extension.
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6. Distribute the extension.
4.5

Results and Discussion
A two-stage membrane separation process gives the possibility of energy efficient CO 2

capture from flue gas. In this study, three different stream gas combinations were analyzed.

Figure 4-2: Simplified two-stage membrane separation process
In Figure 4-2 the flue gas is firstly compressed then cooled to the desired upstream operation
conditions (5 bars, 50℃).The gas is then fed into the first membrane. The permeate exits with
no water content and is then compressed and cooled once again before entering the second
membrane (2 bars, 50℃). The second permeate stream exits the membrane with no water
content and a higher CO 2 purity. This final stream is compressed and cooled to a suitable
condition for downstream processes/storage (1 bar, 60℃). Both retentate streams are mixed
and exit with a composition close to that of the flue gas feed. The results are presented in
. The area of both membranes is assumed to be 10m2 .
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CO2

N2

Mass Flow
(kg/hr)

Molar Flow
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(bar)

Temp (0 C)

0.05

0.1

0.8
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0.05

0.05

0.1

0.8

1.022×106
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5

227.3
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Cool
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0.05

0.1

0.8

1.022×106
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5
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Cool FG

0.05

0.05

0.1

0.8

1.022×106
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49.98

Retentate
1

0

0.0096

0.9597

0.0307

11.3

5.225×10-3

2

50

Cool P1

0

0.0137

0.9388

0.0475

7.114

3.315×10-3

1.99

137.5

Retentate 2

0.05

0.05

0.1

0.8

1.022×106

700

1.99

38.07

Retentate

0

0.0024

0.996

0.0016

4.181

1.91×10 -3

1

60

CO2
pipe

Table 4-1: Results of Figure 4-2 simulation

O2

0.05

to

H2 O

90% purity of CO2 is achieved in this example.
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Figure 4-3: Process flow diagram for CO 2 capture by membrane from flue gas
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Figure 4-3 shows a two stage membrane gas separation. Like Figure 4-2 the flue gas is first
compressed and cooled to meet downstream requirements (5 bars 50℃) . Permeate 1 stream is
compressed to 2 bars then cooled by the heat exchanger and cooler to 3℃ before entering the
separator. The stream is CO 2 rich and is passed through a heat exchanger to increase the
temperature to 25 ℃ before further separating out of CO 2 can occur in the second membrane.
The product of the separator which is passed through a series of heat exchangers, a heater, and
an expander has the temperature of 50℃ and pressure 0.075 bars. The CO 2 content of permeate
1 for Figure 4-3 is 61.3% which is much lower than the no stream CO 2 concentration of 95%
or the permeate stream concentration (Figure 4-4) of 75%. The membrane area of both stages
is kept at 8.2×105 m2 and 2.32×105 m2 and the pressure ratios are maintained in order to achieve
90% CO 2 purity and 90% recovery. The permeate passes through a series of heat exchanger s
to minimize energy consumption and is cooled and compressed to the same conditions as in
Figure 4-2. Although using permeate as stream adds efficient removal of permeate it reduces
the CO 2 driving force across the membrane marginally (dependent on CO 2 partial pressures up
and downstream). In the first stage, 70% of permeate flows to membrane 2 as feed and the
remaining 30% is reused as permeate stream. At the second stage membrane only, 5% is
recirculated and the rest is cooled and compressed to the same outlet condition as Figure 4-2
and Figure 4-4. These percentages of stream correspond to 5% of feed flow rate from each
membrane respectively. The membrane area of both stages is kept at 1.6×106 m2 and 4.65105
m2 . Other than this the setup of Figure 4-4 is much the same as of Figure 4-2. Flue gas is cooled
and compressed before entering into membrane one, permeate which continues to membrane
two is also cooled and compressed (2 bars, 25℃) before entering. The retentates are mixed and
exit. The outlet stream results for Figure 4-3 and Figure 4-4 are compared with the literature
data and shown in Table 4-2 and Table 4-3.
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Figure 4-4: Process flow diagram for CO 2 flue gas
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Table 4-2: Comparison of results of CO 2 to pipeline stream for Figure 4-3
CO2 to Pipeline

Literature [3]

This Simulation

Difference %

Temperature (0 C)

60

60

0

Pressure (bar)

1

1

0

Molar Flow (MMSCFD)

65.56

44.5

32.1

Mass Flow (kg/hr)

141877

96350

32.1

N2

0.02

0.0172

14.0

CO2

0.96

0.9609

0.1

O2

0.02

0.0219

9.5

H2 O

0

0

0

Table 4-3: Comparison of results of CO 2 to pipeline stream for Figure 4-4
CO2 to Pipeline

Literature [3]

This Simulation

Difference %

Temperature (0 C)

60

60

0

Pressure (bar)

1

1

0

Molar Flow (MMSCFD) 68.46

44.5

35.0

Mass Flow (kg/hr)

146109

95650

34.5

N2

0.05

0.029

42.0

CO2

0.92

0.939

2.1

O2

0.03

0.032

6.7

H2 O

0

0

0
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Table 4-4: Comparison between simulation results of three different systems
CO2 to Pipeline

Figure 4-2

Figure 4-3

Figure 4-4

Temperature (0 C)

60

60

60

Pressure (bar)

1

1

1

Molar Flow (MMSCFD)

1.91×10-3

44.5

44.5

Mass Flow (kg/hr)

4.181

96350

95650

N2

0.0016

0.0172

0.029

CO2

0.9960

0.9609

0.939

O2

0.0024

0.0219

0.032

H2 O

0

0

0

The results substantiate the previous findings. The compositions are nearly identical which
confirm it is possible to achieve 90% CO 2 purity from flue gas with a CO 2 concentration of
10%. The flow rates are considerably lower in both cases, this is due to the fact that in this
study it has not been possible to recirculate the stream so CO 2 removal has not been aided, for
this reason, 90% CO 2 recovery has not been achieved. 75% and 73% recoveries were achieved
for Figure 4-3 and Figure 4-4 respectively. It is important to note that the temperature and
pressure of permeate 1 stream in all cases has a vital impact on whether or not the system
converges. Membrane area and pressure ration has not been varied but held constant. Outline
of the findings are as follow: (1) Larger membrane area is needed for lower pressure ratio. (2)
Little difference between membrane area for no stream or permeate stream. (3) Permeate purity
increases with pressure ratio. (4) Low-pressure ratio means more energy is required. (5)
Permeate stream requires less energy at higher pressures. (6) Permeate as stream only feasible
at high pressure.
4.6

Conclusion

A unit operation extensions along with ASPEN HYSYS has been proven to describe the
separation performance of the membrane module under three differe nt process flow design
cases. The precision of the results obtained by the model has been compared and validated with
published data, in which the model shows good agreement with published results. The case
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study was focused on the separation of CO 2 from flue gas using unit operation extension in
ASPEN HYSYS. This study showed that CO 2 separation with high purity is achievable from
the post combustion flue gas. This simulation has been conducted using realistic parameters
and operation design to simulate a real flue gas process. The model results for differe nt
membrane systems have been validated by comparing with the literature data. The results of
this research work suggested a scope of unit operation extension for process flow design in
membrane technology. The study of membrane unit operation extension related to the recovery
and productivity may be carried out in subsequent studies.
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Chapter

5

COMPUTATIONAL FLUID DYNAMICS (CFD) MODELING OF A
POLYMERIC MEMBRANE

Abstract
The CFD modeling in this study is focused on mass transfer, heat transfer and turbulent flow
in a polymeric membrane. The efficiency, robustness, and reliability of recent numerica l
methods for finding solutions to flow problems have given rise to the implementation of
computational fluid dynamics (CFD) as a broadly used analysis method for engineer ing
problems like membrane separation system. This study is novel due to the implementation of
user defined scalar (UDS) diffusion equation by using user-defined functions (UDFs) infinite
volume method (FVM). Some details of the FVM used by the solver are carefully discussed
when implementing terms in the governing equation and boundary conditions (BC). The flux
profile due to pressure gradient is reported for steady problems. The contours of temperature
due to high-temperature gradient are reported for steady and unsteady problems. This research
shows the use of computational fluid dynamics (CFD) with finite volume method (FVM) to
study the species diffusion and mixing characteristics in a tubular membrane filled with vertical
baffles. This study exhibits how to setup the FVM for CFD simulation, residence time
distribution (RTD) analysis of the membrane tube and compare the mixing characteristics of
the two membrane tubes with a different number of baffles using RTD curves. In this study,
the effects of a number of baffles on flow patterns, features and behavior can be completely
identified through computational fluid dynamics (CFD) simulations. In addition, twodimensional simulation is implemented to study effects of steady and unsteady (transient) flow
in a tubular membrane. This study carried out on the residence time distribution (RTD) of a
tracer in a co-current flow pattern. For this, a tracer is injected for 1 second into the membrane
tube on a flow field and the concentration variation of the tracer with time is monitored at the
outlet.
Keywords
Computational fluid dynamics, finite volume method, mass transfer, flux, heat transfer,
turbulent flow, residence time distribution (RTD), polymeric membrane
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5.1

Modeling of mass transfer within a membrane

Computational methods have the ability for improving the understanding of flow problems in
membrane separation systems. They have the proficiency of giving data on flow conditions at
any point of the geometry without troubling the flow. Furthermore, the implementation of
mathematical modeling expressively decreases the costs, risks, and time-related

with

performing repetitive experiments. One numerical method implemented for simulating fluid
flow is known as computational fluid dynamics (CFD) [1-5].CFD has become a more
commonly implemented method in the research area of membrane science [6-8], with several
researchers are using this tool in order to obtain understanding into the phenomena taking place
inside membrane modules, to support the design process and increase the performance of
modules. As an analysis method, CFD allows changing fluid properties, operating conditio ns
and geometric characteristics of the flow channels in a flexible but defined way [9]. The
geometric parameters of the channels simulated can be changed deprived of the requirement to
make and check new meshes. This signifies a major benefit of the CFD tool over traditio na l
experimental methods [10]. Also, flow data can be described at any point and time througho ut
the simulation, and the assessment of these flow variables is conceivable deprived of any
trouble to the original flow [9, 11, 12]. Because of its easiness and minor computatio na l
requirements, many scholars have chosen CFD for modeling membrane in two and three
dimensions, as is showed by the quantity of effort carry out in this area [13-17]. Consequently,
CFD is currently recognized as a dependable technique, and progressively unsteady flow and
studies are developing, mostly finding decent similarity within calculated and experimenta l
results [18, 19].
In this section, we focused on mass transfer through the domain of a 2D rectangular membrane
using general scalar diffusion equation with mixed boundary conditions. This research covers
the solution of the steady problem with the formulation of boundary conditions for first order
discretization technique. The UDF is integrated with FVM based CFD solver (ANSYS
FLUENTT M) for the solution. The contours of rectangular membrane domain show the
behavior of a flux through a polymeric membrane. The mass transfer problem of flow in a
membrane is a less focused area, especially for high-pressure gradient due to its complexity.
This study is an effort to solve user defined scalar (UDS) diffusion equation to solve complex
diffusion phenomena in a membrane. The mass transfer modeling and the phenomena of
transport mechanisms are permanently linked with the fundamental properties of the material
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used to synthesize a membrane. A common principle of membrane operation is that there must
be a driving force for a gas molecule to diffuse from the feed domain to the permeate domain.
This driving force is generally expressed as a pressure gradient in the case of mass transfer in
polymer-based membranes. The overall mass balance can be written as
𝑄𝑓 = 𝑄𝑃 + 𝑄𝑜

(5.1)

𝑄𝑓 is the feed flow rate, 𝑄𝑜 is residue flow rate and 𝑄𝑃 is the permeate flow rate. The overall
component balance can be written as
𝑄𝑓 𝑥𝑓 = 𝑄𝑃 𝑦𝑝 + 𝑄𝑜 𝑥 0

(5.2)

𝑥𝑓 , 𝑥 0 and 𝑦0 are feed mole fraction, retentate mole fraction and permeate mole fraction
respectively.
The stage cut is defined as
𝜃=

𝑄𝑃
𝑄𝑓

=

𝑄 𝑓−𝑄𝑜
𝑄𝑓

(5.3)

The ideal separation factor (selectivity) is defined as
𝑃

𝛼 = 𝑃𝐴

(5.4)

𝐵

𝑃𝐴 is permeability of gas A and 𝑃𝐵 is the permeability of gas B.
The pressure ratio is defined as
𝛾=

𝑝𝑙

(5.5)

𝑝ℎ

𝑝𝑙is the low pressure on permeate side and 𝑝ℎ is the high pressure on the feed side.
The outlet permeate composition can be calculated by
𝑦𝑝 =

𝑥 𝑓−𝑥 0(1−𝜃)
𝜃

(5.6)

The flux equation for a component in a binary mixture is given by
𝐽=

𝑃𝐴
𝑡

(𝑝ℎ 𝑥𝑓 − 𝑝𝑙 𝑦𝑝)

(5.7)
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The first row of mesh cells in the feed side and the permeate side considers sources. Introducing
the negative source and source term at two sides of the membrane permits the gas disappear
from the feed domain via the membrane surface and emerge at the permeate domain. The mesh
of membrane is developed by using GAMBIT

T M.

Grid size analysis is carried out using

different mesh intervals. All the simulation results did not show any major difference. The
selected membrane mesh is shown in Figure 5-1. The mesh consists of 800 cells with the
dimension of 0.05m × 0.1m.

Figure 5-1: Schematic representation and 2D mesh of a membrane
5.1.1

Mathematical model formulation

FVM solver (ANSYS FLUENTT M) solves the transport equation for a user-defined scalar
(UDS) in the same way as it solves the transport equation for a scalar in the core equations,
such as a species mass fraction. The UDS capability can be used to implement a wide range of
physical models. In this study, a model is developed to solve a general scalar diffusion equation
6.8 with the possible types of boundary condition (BC) at the boundary (or a part of the
boundary) of the domain [20].
𝑐

𝜕𝜙
𝜕𝑡

− ∇. (Γ∇𝜙) = 𝑆𝜙 , 𝑖𝑛 𝛺, 𝑡 > 0

(5.8)

The possible types of boundary conditions (BC) are as follows:
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Dirichlet BC: = 𝐷0 , Neumann BC: −Γ(𝜕𝜙⁄𝜕𝑛) = 𝑞0 and mixed BC: −Γ(𝜕𝜙⁄𝜕𝑛) = 𝑃𝑐 ( 𝜙 −
𝜙∞ ), Where,𝑃𝑐 = 𝑃𝐴⁄𝑡 , ∅ = 𝑝𝑙 𝑦𝑝 , 𝜙∞ = 𝑝ℎ 𝑥𝑓 and 𝐷0 , 𝑞0 , 𝜙∞ are constant values. The
boundary conditions for left-wall and top-wall is 𝑞 = −Γ(𝜕𝜙⁄𝜕𝑛) = 0. The following
equation gives mixed boundary condition for right-wall and bottom-wall.
𝜕𝜙

− (Γ 𝜕𝑛 ) = 𝑃𝑐 (𝜙 − 𝜙∞ )
𝑤

(5.9)

5.1.1.1 Steady State modeling
Consider a steady-state scalar equation with constant Γ and zero source term (𝑆𝜙 = 0) as
follows:
−∇. (Γ∇𝜙) = 0

(5.10)

This is the Laplace's equation. Solving the Laplace’s equation using the FVM UDS solver
(ANSYS FLUENTT M) does not necessarily require user-defined functions (UDFs). The UDS
can be activated from the graphical user interface. FVM solver UDS provides only Dirichlet
and Neumann conditions for the boundaries. Hence, we need to use the UDF to apply the mixed
boundary condition for the UDS equation.
5.1.1.1.1 Formulation of mixed boundary conditions

Figure 5-2: Schematic of a cell adjacent to a boundary
For a generic cell c0 adjacent to the boundary, the diffusive flux across the boundary face f of
the cell is expressed as follows (Figure 5-2 ):
𝜕𝜙

− ∫𝑓𝑐 Γ (𝜕𝑛 ) 𝑑𝑆 = ∫𝑓𝑐 𝑃𝑐 (𝜙 − 𝜙∞ )𝑑𝑆

(5.11)

Using the mid-point rule of surface integral, the diffusive flux can be approximated as:
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𝜕𝜙

−Γ𝑓𝑐 (𝜕𝑛 )

𝑓𝑐

𝐴𝑓𝑐 = 𝑃𝑐 (𝜙𝑓 − 𝜙∞ )𝐴𝑓𝑐

(5.12)

In FVM solver, the diffusive flux is approximated in two parts; in first part primary gradient is
evaluated implicitly along the line connecting the cell centroid c0 to the centroid face f. It is
corrected by a secondary gradient (or cross diffusion) term evaluated explicitly by the gradient
obtained from the previous iteration(̅̅̅̅
∇𝜙).
𝜕𝜙

−Γ𝑓𝑐 (𝜕𝑛 )

𝐴𝑓𝑐 ≈ 𝛤
⏟𝑓𝑐
𝑓𝑐

(𝜙𝑓 −𝜙𝑐0 )
𝑑𝑟

𝐴. 𝐴
̅̅̅̅
̅̅̅̅ 𝑒𝑠
( 𝐴.𝑒⃗⃗⃗ ) + Γ
⏟𝑓𝑐 (∇𝜙 . 𝐴 − ∇𝜙 . ⃗⃗⃗
𝑠

𝑝𝑟𝑖𝑚𝑎𝑟𝑦

𝐴. 𝐴
𝐴.𝑒
⃗⃗⃗𝑠

)(5.13)

𝑠𝑒𝑐𝑜𝑛𝑑𝑎𝑟𝑦

FVM solver provides specific macros for UDF which define the necessary geometrica l
variables of the cell and also calculate the secondary gradient term in equation 6.13. If we
designate the secondary gradient term in equation 6.13 𝛽0 and (𝐴. 𝐴)/(𝐴. ⃗⃗⃗
𝑒𝑠 ) as𝐴𝑏𝑒 , equation
6.12 and 6.13 can be written as
−𝑃𝑐 (𝜙𝑓 − 𝜙∞ )𝐴𝑓𝑐 = Γ𝑓𝑐 (

𝜙𝑓 −𝜙𝑐0
𝑑𝑟

) 𝐴𝑏𝑒 + 𝛽0

(5.14)

𝜙𝑓 can be expressed as follows:
𝜙𝑓 =

𝐴
𝛤𝑓 ( 𝑏𝑒 )−𝛽0 +𝑃𝑐𝐴𝑓 𝜙∞
𝑑𝑟

𝐴
𝑃𝑐 𝐴𝑓+𝛤𝑓 ( 𝑏𝑒 )

(5.15)

𝑑𝑟

The mixed boundary condition for the UDS is ready to be specified by boundary profile 𝜙𝑓 in
equation 6.15 through the UDF macro [21].
In most existing types of CFD software based on FVM, this problem can be resolved by
introducing source terms which are known as user defined functions (UDF). The correctness
of CFD model is very sensitive to the source term which can disturb the flow position of
neighboring cells in both feed and permeate domains.
5.1.2

Simulation setup and discretization

Table 5-1 shows values of different properties used in this research work. Figure 5-3 illustr ate
the solution procedure for the steady-state problem. A UDF written in C programming
language is developed and compiled with FVM solver. The library functions based on UDF
build and load during the execution of a CFD model. A mass transfer from a hot air to a
membrane is a problem that is aligned with the grid, the numerical diffusion will be certainly
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low, and so the first-order discretization scheme can be implemented instead of the secondorder scheme without any substantial loss of accuracy. The target of all discretiza tio n
techniques like FVM is to develop a mathematical model to convert each of terms into an
algebraic equation. Once implemented to complete control volumes in a particular mesh, we
attain a full linear system of equations that requires being solved. There are no common criteria
for examining convergence. Definitions of residual that are advantageous for one type of
problem are occasionally deceptive for other types of problems. So it is a good idea to examine
convergence by judging residual stages besides observing related integrated quantities such as
mass transfer coefficient. Intel CoreT M i5 with 4GB RAM is used to solve the steady problem.
For steady state problem, the CFD model is run for 100 iterations.
Table 5-1: Values of different properties used in CFD modeling [22]
Properties

Symbols

Feed Composition

𝑥𝑓

Values

Units

O2 : 20.9%

[-]

N2 : 79.1%
Permeability for

𝑃𝐴

Poly (4-methyl-1-pentane) membrane

O2 : 30

Barrer*

N2 : 7.1

Feed pressure

𝑝ℎ

190

cm Hg

Permeate pressure

𝑝𝑙

19

cm Hg

Temperature

K

298.15

K

Density (Air)

𝜌

1.225

Kg/m3

Viscosity

𝜇

1.7894 × 10−5

Kg/m. s

*1 Barrer = 10-10 cm3 (STP) cm / (cm2 .s cm Hg)
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Figure 5-3: Solution procedure for a steady state problem
5.1.3

Results and discussion

The default convergence criterion for most problems in FVM solver (ANSYS FLUENTT M) is
satisfactory. The scaled residuals decrease to 10-3 as a criterion of convergence for all equations
except the mass, energy, for which the criterion is 10 -6 . Figure 4 illustrates the sum of facet
values on permeate and retentate side at various points. ANSYS FLUENTT M is a cell centered
solver, so it stores data based on the cell centered values. The only exception is boundary
conditions which are stored in the facet centers. As the value remains constant after 40
iterations (Figure 5-4), It can be considered that the solution is converged. Figure 5-5 shows
that the scaled residuals are decreased up to 10-8 . Figure 5-6 shows the flux through a polymer ic
membrane at various stage cuts in a steady state problem. The flux of the rectangular membrane
from high to low values is clearly visible due to the use of mixed boundary condition. This has
been observed that maximum diffusion occurs at the low value of stage cut. The proposed
model results show a good agreement (± 1– 2%) with analytical values, particularly at low
stage-cuts (high feed rates). This shows the accuracy of the CFD model. Figure 5-7 shows the
mole fraction of nitrogen within a membrane. It can be observed that the variation in the mole
fraction of nitrogen on the surface of the membrane. Table 5-2 describe the values of binary
gasses (oxygen and nitrogen) at permeate and retentate sides of a membrane. The maximum
value of oxygen is achieved at the stage cut = 0.6 on the permeate side.
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Figure 5-4: Convergence history of sum of facet values on permeate and retentate side

Figure 5-5: Residuals profile of UDS
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Figure 5-6: Flux of oxygen through a polymeric membrane at various stage cuts

Figure 5-7: Contours of mole fraction of Oxygen and Nitrogen
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Table 5-2: Fraction of binary gasses at permeate and retentate sides
Stage Cut

Permeate

Residue

Oxygen

Nitrogen

Oxygen

Nitrogen

0.2

0.045

0.955

0.016

0.984

0.4

0.167

0.833

0.028

0.972

0.6

0.209

0.791

0.032

0.968

5.2

Modeling of heat transfers within a membrane

In this section, we focused on heat transfer through the domain of a 2D rectangular membrane
using general scalar diffusion equation with mixed boundary conditions. This research covers
the solution of steady and unsteady state problems with the formulation of boundary conditio ns
for first order discretization technique. The UDF is integrated with FVM based CFD solver
(ANSYS FLUENTTM) for the solution. The contours of rectangular membrane domain show
the behavior of a temperature through a polymeric (cellulose acetate) membrane. The heat
transfer problem of flow in a membrane is a less focused area, especially for high-tempera ture
gradient due to its complexity. This study is an effort to solve user defined scalar (UDS)
diffusion equation to solve complex thermal diffusion phenomena in a membrane.
5.2.1
𝑐

𝜕𝜙
𝜕𝑡

Mathematical model formulation

− ∇. (Γ∇𝜙) = 𝑆𝜙 , 𝑖𝑛 𝛺, 𝑡 > 0

(5.16)

The possible types of boundary conditions (BC) are as follows:
Dirichlet BC: = 𝐷0 , Neumann BC: −Γ(𝜕𝜙⁄𝜕𝑛) = 𝑞0 and mixed BC: −Γ(𝜕𝜙⁄𝜕𝑛) = ℎ𝑐 ( 𝜙 −
𝜙∞ )
Here, 𝐷0 , 𝑞0 and 𝜙∞ are constant values. The boundary conditions for left-wall and top-wall
are 𝑞 = −Γ(𝜕𝜙⁄𝜕𝑛) = 0 and 𝜙 = 30 respectively. The following equation gives mixed
boundary condition for right-wall and bottom-wall.
𝜕𝜙

− (Γ 𝜕𝑛 ) = ℎ𝑐 (𝜙 − 𝜙∞ )
𝑤

(5.17)
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5.2.1.1 Steady State modeling
Consider a steady-state scalar equation with constant Γ and zero source term (𝑆𝜙 = 0) as
follows:
−∇. (Γ∇𝜙) = 0

(5.18)

This is the Laplace's equation. Solving the Laplace’s equation using the FVM UDS solver
(ANSYS FLUENTT M) does not necessarily require user-defined functions (UDFs). The UDS
are activated from the graphical user interface. FVM solver UDS provides only Dirichlet and
Neumann conditions for the boundaries. Hence, we need to use the UDF to apply the mixed
boundary condition for the UDS equation.
5.2.1.1.1 Formulation of mixed boundary conditions
For a generic cell c0 adjacent to the boundary, the diffusive flux across the boundary face f of
the cell is expressed as follows (Figure 5-2):
𝜕𝜙

− ∫𝑓 Γ (𝜕𝑛 ) 𝑑𝑆 = ∫𝑓 ℎ𝑐 (𝜙 − 𝜙∞ )𝑑𝑆

(5.19)

Using the mid-point rule of surface integral, the diffusive flux can be approximated as:
𝜕𝜙

−Γ𝑓 (𝜕𝑛 ) 𝐴𝑓 = ℎ𝑐 (𝜙𝑓 − 𝜙∞ )𝐴𝑓

(5.20)

𝑓

In FVM solver, the diffusive flux is approximated in two parts; in first part primary gradient is
evaluated implicitly along the line connecting the cell centroid c0 to the centroid face f. It is
corrected by a secondary gradient (or cross diffusion) term evaluated explicitly by the gradient
̅̅̅̅).
obtained from the previous iteration(∇𝜙
𝜕𝜙

−Γ𝑓 (𝜕𝑛 ) 𝐴𝑓 ≈ 𝛤
⏟𝑓
𝑓

(𝜙𝑓 −𝜙𝑐0 )
𝑑𝑟

𝐴. 𝐴
̅̅̅̅
̅̅̅̅ 𝑒𝑠
( 𝐴.𝑒⃗⃗⃗ ) + Γ
⏟𝑓 (∇𝜙 . 𝐴 − ∇𝜙 . ⃗⃗⃗
𝑠

𝑝𝑟𝑖𝑚𝑎𝑟𝑦

𝐴. 𝐴
𝐴.𝑒
⃗⃗⃗𝑠

)

(5.21)

𝑠𝑒𝑐𝑜𝑛𝑑𝑎𝑟𝑦

FVM solver provides specific macros for UDF which define the necessary geometrica l
variables of the cell and also calculate the secondary gradient term in equation 6.21. If we
designate the secondary gradient term in equation 6.21 𝛽0 and (𝐴. 𝐴)/(𝐴. ⃗⃗⃗
𝑒𝑠 ) as𝐴𝑏𝑒 , equation
6.20 and 6.21 can be written as
−ℎ𝑐 (𝜙𝑓 − 𝜙∞ )𝐴𝑓 = Γ𝑓 (

𝜙𝑓 −𝜙𝑐0
𝑑𝑟

) 𝐴𝑏𝑒 + 𝛽0

(5.22)
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𝜙𝑓 can be expressed as follows:
𝐴
𝛤𝑓 ( 𝑏𝑒 )−𝛽0 +ℎ𝑐𝐴𝑓 𝜙∞
𝑑𝑟

𝜙𝑓 =

(5.23)

𝐴
ℎ𝑐 𝐴𝑓+𝛤𝑓 ( 𝑏𝑒 )
𝑑𝑟

The mixed boundary condition for the UDS is ready to be specified by boundary profile 𝜙𝑓 in
equation 6.23 through the UDF macro [21].
5.2.1.2 Unsteady state modeling
The unsteady (transient) user-defined scalar equation is as follows:
𝑐

𝜕𝜙
𝜕𝑡

− ∇. (Γ∇𝜙) = 0, 𝑖𝑛 𝛺, 𝑡 > 0

(5.24)

It has to be solved with the same boundary conditions and given an initial condition. When the
transient term is 𝜕(𝜌𝜙)⁄𝜕𝑡, FVM can readily handle this unsteady UDS term when you enable
the unsteady solver (either first or second-order). But if the transient term of the user's equation
is not the same as the given form, you must supply the unsteady term through the specific UDF
macro. For example, in equation 6.24, c is a variable. For an unsteady heat conduction problem
in dimensional form it represents 𝜌𝑐𝑝 of the solid material.
In finite-volume methods, the transient term is first approximated by first or second order finite
difference expression and then integrated with respect to the cell volume. The FVM solver
expects this transient term to be moved to the right-hand side of the governing equation and
included in the discretized equation as a source term.
5.2.1.2.1 First-Order Unsteady Formulation
The first-order finite-difference backward differencing approximation gives:
𝜕𝜙
𝜕𝑡

≈

𝜙𝑛 −𝜙𝑛−1

(5.25)

∆𝑡

Where, 𝜙𝑛 is the value of 𝜙 at the current time interval, 𝜙𝑛−1 is the value at previous time level
and ∆𝑡 is the time step size. Hence
𝜕𝜙

∆𝑉

∆𝑉

𝑛
− ∫ 𝑐 𝜕𝑡 𝑑𝑉 ≈ (−𝑐
𝜙𝑛−1
⏟ ∆𝑡 ) 𝜙 + 𝑐⏟
∆𝑡
𝐴𝑝𝑢

(5.26)

𝑆𝑢
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Where, ∆𝑉 is the volume of each individual cell, 𝐴𝑝𝑢 is the coefficient multiplying 𝜙𝑛 (the
implicit part) and 𝑆𝑢 the explicit part (because it is expressed by known values at the previous
time-step). The volume integral of the unsteady term can be rewritten as:
𝜕𝜙

− ∫ 𝑐 𝜕𝑡 𝑑𝑉 = 𝐴𝑝𝑢 𝜙𝑛 + 𝑆𝑢

(5.27)

and it is ready to be coded in UDF as the unsteady macro.
In most existing types of CFD software based on FVM, this problem can be resolved by
introducing source terms which are known as user define functions (UDF). The correctness of
CFD model is very sensitive to the source term which can disturb the flow position of
neighboring cells in both feed and permeate domains.
5.2.2

Simulation setup and discretization

Table 5-3: Values of different properties used in CFD modeling shows values of differe nt
properties used in this research work. Figure 5-8 illustrate the solution procedure for steady
and unsteady (transient) problems. A UDF written in C programming language is developed
and compiled with FVM solver. The library functions based on UDF build and load during the
execution of a CFD model. A heat transfer from a hot air to a cellulose acetate based membrane
is a problem that is aligned with the grid, the numerical diffusion will be certainly low, and so
the first-order discretization scheme can be implemented instead of the second-order scheme
without any substantial loss of accuracy. The target of all discretization techniques like FVM
is to develop a mathematical model to convert each of terms into an algebraic equation. Once
implemented to complete control volumes in a particular mesh, we attain a full linear system
of equations that requires being solved. There are no common criteria for examining
convergence. Definitions of residual that are advantageous for one type of problem are
occasionally deceptive for other types of problems. So it is a good idea to examine convergence
by judging residual stages besides observing related integrated quantities such as heat transfer
coefficient. Intel CoreT M i5 with 4GB RAM is used to solve the steady and unsteady problem.
For steady state problem, the CFD model is run for 100 iterations. For unsteady problem time,
the step size is 0.1 seconds, a number of time steps are 200 and maximum iterations per time
step are 40.
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Table 5-3: Values of different properties used in CFD modeling
Properties

Symbols

Values

Units

References

Thermal conductivity

Γ

0.167

W/(m. K) [23,24]

Specific heat of the material

𝐶𝑝

1451

J/(Kg. K)

Heat transfer coefficient

ℎ𝑐

20

W/(m2 .K) [25,26]

Density (Air)

𝜌

1.225

Kg/m3

[27]

Viscosity

𝜇

1.7894 × 10−5

Kg/m. s

[27]

Material temperature

𝜙

30

0C

303

K

200

0C

473

K

Surrounding

fluid

temperature at feed side

(Air)

𝜙𝑐

[23,24]

[28]
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Figure 5-8: Solution procedure for (a) steady state (b) unsteady state problems
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5.2.3

Results and discussion

The default convergence criterion for most problems in FVM solver (ANSYS FLUENTT M) is
satisfactory. The scaled residuals decrease to 10 -3 as a criterion of convergence for all equations
except the heat, energy, for which the criterion is 10 -6 . Figure 5-9 shows that in this simula tio n
the scaled residuals are decreased up to 10-8 . Figure 5-10 illustrates the sum of facet values on
a middle point. The middle point is created at the position (0.025, 0.05) in a rectangular grid of
the membrane. ANSYS FLUENTT M is a cell centered solver, so it stores data based on the cell
centered values. The only exception is boundary conditions which are stored in the facet
centers. As the value of temperature remains constant after 40 iterations (Figure 5), It can be
considered that the solution as converged. Figure 5-11 shows the contours of thermal diffus io n
from the feed side to a cellulose acetate based membrane due to a temperature gradient in a
steady state problem. Figure 5-12 - Figure 5-16 describe the contours of temperature diffus io n
in a membrane at various time steps for an unsteady state problem. The diffusion into the
rectangular membrane from high to low temperature is clearly visible due to the use of mixed
boundary condition. This has been observed that maximum thermal diffusion occurs in first
five seconds and the maximum surfaced temperature of cellulose acetate based membrane
reached up to 193 0 C. The surface temperature increased up to 198 0 C in twenty seconds. The
process of heat transfer from air to the membrane is also due to the motion of a fluid and
diffusion of heat through the still boundary layer next to the membrane.

Figure 5-9: Residuals profile of UDS
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Figure 5-10: Convergence history of sum of facet values on a middle point

Figure 5-11: Contours of temperature for steady state problem in a membrane
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Figure 5-12: Contours of temperature at time=1 second

Figure 5-13: Contours of temperature at time=5 seconds
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Figure 5-14: Contours of temperature at time=10 seconds

Figure 5-15: Contours of temperature at time=15 seconds
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Figure 5-16: Contours of temperature at time=20 seconds
5.3

Simulation of turbulent flow in a membrane tube

The concentration polarization decreases permeation in the gas separation process. For
avoiding this unwanted phenomenon, turbulence promoters are commonly utilized to adjust
the hydrodynamic parameters on the membrane surface and improve the efficiency of
membrane tubes. For this challenge, several researchers have been proposed geometric
conditions in different membrane processes. Between these methods, installation of baffles has
been established to be modest and active to enhance permeation of a specific gas. Diffe re nt
orientation and shapes of baffles have been used in different studies [29, 30]. In the literature,
there are several experimental investigations on mass transfer in a membrane filled with baffles
[31-35]. For example, Wang et al. [36] mathematically model the flow of fluid in membrane
tubes equipped with baffles. They studied the wall concentration and local flux by mass
balance. As per their research, the Reynolds number was restricted for less than 200 and the
mathematical simulation did not converge for Reynolds number greater 200. In recent times,
the great computational methods such as computatio nal fluid dynamics (CFD) with great
precision mathematical methods have been established.
Liu et al. [37] used mixing-promoting baffles to simulate the mass transfer in a slit membrane
tube for an effective elimination of volatile organic compounds. They observed results of both
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single baffle and multiple baffles on the mass transfer improvement in the tube and establish
that average mass transfer coefficient improved with baffle altitude. The outcome of multip le
baffles on mass transfer is contingent on the second baffle positions. Santos et al. [38] showed
a mathematical simulation of the mass transfer and flow patterns and membrane tubes filled
with flow-aligned spacers. They presented that longitudinal filaments in the tubes had no
substantial outcome on the flow behavior. Moreover, mass transfer effects verified that the
revised friction factor could be used for choosing the finest spacer in links of mass transfer
effectiveness. Ranade and Kumar [39] implemented CFD software to calculate the effects of
different spacer profiles and equate the flow behaviors in spacer-filled annular and flat
channels. The simulation outcomes showed that flow of fluid in a spacer-filled spiral and a flat
channel significantly was not changed. The baffles considerably raise the membrane flux even
though the basic mechanism of flux improvement by the baffle yet is not clear. So, the
quantitative and qualitative effects of fluid dynamics in baffle-filled membrane tubes have not
yet been gotten [40-42].
In this research, turbulent flow in 2D membrane tube filled with perpendicular baffles was
simulated by a finite volume solver ANSYS FLUENT® in order to examine flow pattern by
changing the number of baffles. Additionally, distribution of velocity, turbulent characteristic
and mass concentration was considered. Mass concentration in a membrane tube was studied
for the residence time distribution analysis to predict the better design. Results obtained for
different numbers of baffles are compared first time in order to reduce concentratio n
polarization effects in membrane separator.
5.3.1

Mathematical model formulation

5.3.1.1 Model geometry
As a part of designing a steady state well-mixed module, it is necessary to analyze the flow
characteristics of two membrane tubes filled with baffles and compare the RTDs. For this, a
tracer is injected for 1 second into the tube on a frozen flow held and the concentration variatio n
of the tracer with time is monitored at the outlet. The schematics of two models are shown in
Figure 5-17. The first model has 5 baffles, whereas, the second model has 15 baffles. All the
other design parameters are the same in both the cases. The flow is turbulent and the inlet fluid
has a velocity of 0.5 m/s (Reynolds number= 27383). The meshes of two models are shown in
Figure 5-18. The mesh is created using GAMBIT® with quad meshing scheme. The mesh has
103

been developed with the minimum orthogonal quality of 9.99×10 -1 . The mesh has one partition
with 51800 cells, 105532 faces and 53718 nodes [43].

Figure 5-17: Membrane tube filled with baffles (a) 5 baffles (b) 15 baffles

Figure 5-18: Mesh display (a) 5 baffles (b) 15 baffles
5.3.1.2 Governing equations
The continuity equation in differential form is
𝜕𝜌
𝜕𝑡

+ ∇. (𝜌𝑣) = 0

(5.28)

Conservation of momentum is described by
𝜕
𝜕𝑡

(𝜌𝑣) + 𝛻. (𝜌𝑣𝑣) = −𝛻p + 𝛻. (𝜏̿) + ρ𝑔 + 𝐹

(5.29)
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5.3.1.3 Turbulence model
The two equations model is most simple and famous turbulence model. In this model the length
scales and turbulent velocity are calculated independently by using the solution of differe nt
transport equations. The standard k-ϵ model has become the widely used turbulence model fo r
the solution of practical engineering flow problem [44]. Such model is a semi-empirical model
built on model transport equations for the turbulence kinetic energy k and its dissipation rate
ϵ. The model transport equation for k is derived from the exact equation while the model
transport equation for ϵ was obtained using physical reasoning and bears little resemblance to
its mathematically exact counterpart [45] .
5.3.1.4 Transport Equations for the Standard k-𝜖 Model
𝜕
𝜕𝑡

(𝜌𝑘) +

𝜕
𝜕𝑥 𝑖

(𝜌𝑘𝑢 𝑖 ) =

𝜕
𝜕𝑥 𝑗

𝜇

𝜕𝑘

[(𝜇 + 𝜎 𝑡 ) 𝜕 𝑥 ] + 𝐺𝑘 + 𝐺𝑏 − 𝜌𝜖 − 𝑌𝑀 + 𝑆𝑘
𝑘

(5.30)

𝑗

and
𝜕
𝜕𝑡

(𝜌𝜖 ) +

𝜕
𝜕𝑥 𝑖

(𝜌𝜖𝑢 𝑖 ) =

𝜕
𝜕 𝑥𝑗

𝜇

𝜕𝜖

𝜖

[(𝜇 + 𝜎𝑡 ) 𝜕𝑥 ] + 𝐶1𝜖 𝑘 (𝐺𝑘 + 𝐶3𝜖 𝐺𝑏 ) − 𝐶2𝜖 𝜌
𝜖

𝑗

𝜖2
𝑘

+ 𝑆𝜖 (5.31

5.3.1.5 Modeling the Turbulent Viscosity
𝜇𝑡 = 𝜌𝐶𝜇

𝑘2

(5.32)

𝜖

2.3.3 Model Constants
C1ϵ = 1.44, C2ϵ = 1.92 , Cμ = 0.09, σk = 1.0, σϵ = 1.3
5.3.1.6 Fickian Diffusion
Mass diffusion coefficients are required whenever you are solving species transport equations
in multi-component flows. Mass diffusion coefficients are used to compute the diffusion flux
of a chemical species in a turbulent flow using Fick's law:
𝜇

𝐽𝑖 = − (𝜌𝐷𝑖,𝑚 + 𝑆𝑐𝑡 ) 𝛻𝑌𝑖 − 𝐷𝑇,𝑖
𝑡

𝐷𝑖,𝑚 = ∑
𝑆𝑐𝑡 =

1−𝑋𝑖
𝑗,𝑗≠𝑖 (𝑋𝑗 ⁄𝐷𝑖𝑗 )

𝜇𝑡
𝜌𝐷𝑡

𝛻𝑇
𝑇

(5.33)
(5.34)
(5.35)
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𝜕
𝜕𝑡

(𝜌𝑌𝑖 ) + ∇. (𝜌𝜐𝑌𝑖 ) = −∇. ⃗𝐽𝑖 + 𝑅𝑖 + 𝑆𝑖

(5.36)

An equation of this form will be solved for 𝑁 − 1 species where 𝑁 is the total number of fluid
phase chemical species present in the system. Since the mass fraction of the species must sum
to unity, the 𝑁𝑡ℎ mass fraction is determined as one minus the sum of the 𝑁 − 1 solved mass
fractions. To minimize numerical error, the 𝑁𝑡ℎ species should be selected as that species with
the overall largest mass fraction.
5.3.1.7 Residence time distribution (RTD) analysis
External time distribution can be calculated by
𝐸 (𝑡) =

𝐶 (𝑡)
∞
∫0

𝐶 ( 𝑡) 𝑑𝑡

(5.37)
∞

Here 𝐶(𝑡) is the concentration of tracer at the outlet as a function of time. ∫0 𝐶 (𝑡)𝑑𝑡 represents
the fraction of species which spend a time less than t inside the membrane tube.
The fraction of specie which spends a time more than t is calculated by
𝑡

𝐹(𝑡) = 1 − ∫0 𝐸 (𝑡)𝑑𝑡
5.3.2

(5.38)

Simulation setup and discretization

Table 5-4 shows the properties and values of air used in this study. In this research, it is assumed
that the fluid is under turbulent flow with Newtonian, isothermal, incompressible and constant
physical properties. The same solution procedure illustrated in Figure 5-8 is used in this section
for steady and unsteady (transient) problems. In this model SIMPLE algorithm is used for
pressure-velocity coupling. This algorithm is based on the predictor-corrector approach. The
least squares cell-based approach is applied for the evaluation of gradient. PRESTO scheme is
used for pressure discretization due to flows within strongly curved domains. Spatial
discretization of momentum is solved by the second order upwind scheme. In this approach,
higher-order accuracy is achieved at cell faces through a Taylor series expansion of the cellcentered solution about the cell centroid. First order scheme is applied for the discretization of
both turbulent kinetic energy and turbulent dissipation rate. Intel Core T M i5 with 4GB RAM is
used to solve the steady and unsteady problem.
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Table 5-4: Values of different air properties used in CFD modeling

5.3.3

Property

Unit

Value

Density

Kg/m3

1.225

Specific heat

j/kg-k

1006.43

Thermal conductivity

w/m-k

0.0242

Molecular weight

kg/kg-mol

28.966

Viscosity

kg/m-s

1.72×10-5

Mass diffusivity

m2 /s

2.88×10-5

Results and discussion

5.3.3.1 Velocity Contours
CFD method is used to simulate the turbulent flow in a membrane tube. In order to compare,
the fluid flow in an empty tube is also simulated. In these simulations, the boundary conditio ns
are same for all models, with inlet velocity of 0.5 m/s. Velocity contours in the baffle-filled
membrane tubes are shown in Figure 5-19. It can be observed, for membrane tube without
baffles, at the inlet velocity of 0.5 m/s while the fluid flow is completely turbulent in the bulk
stream, there still occurs laminar flow layers near to the upper and lower membrane wall where
the flow velocity is zero or very low. In this situation, the species in the feed stream are likely
to concentrate on the specific small area of a membrane surface to form a thick layer, resulting
in the drop of permeation flux. The presence of series of baffles not only increases turbulence
in the fluid stream but also interjects development and expansion of the boundary layer on the
membrane surface. Above effects be likely to decrease concentration polarization and as a
result, increase the membrane performance. It would be prominent that there occurs the central
zone before each baffle in membrane tube filled with 5 baffles, where the velocity of the stream
reaches zero. This will lead to the fluid concentration onto the vertical baffles as has been
detected in our simulation, which does not influence the permeation flux. As to the baffle, the
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large low-velocity zones are not adjacent to the membrane; the fluid touches the membrane
surface in large, thus, significant increase in the permeation flux is expected. As of this
approach, it can clarify why the baffle reaches higher permeation flux than the empty
membrane tube. It visibly established that tube with 5 baffles provides higher membrane
surface than ones with 10 baffles. For the 5 baffles case, the behavior of velocity is slightly
different from that for the 15 baffles case. The peak value of velocity appears in the middle of
each vertical baffle as well on the membrane surface next to each baffle. Hence, membrane
tube filled with 5 baffles is predicted to provide better permeation flux.
5.3.3.2 Velocity convergence
The Convergence histories of velocity magnitude in three (without baffles, 5 baffles, and 15
baffles) membrane tubes against iteration are shown in Figure 5-20. It can be observed that the
velocity magnitude in membrane tube without baffles achieve peak value as compared to other
two tubes. There is no sufficient fluctuation in this empty membrane tube. In 5 and 15 baffles
cases the peak values attain after 150 iterations. At the start the fluid flows with the inlet
velocity before reaching the first baffles, then it sharply increases its velocity magnitude and
touches its peak value. In 15 baffles case, after reaching its peak value, the fluid velocity
radically decreases and reaches its initial value again. But in 5 baffles case, velocity magnitude
remains above the initial value. At an inlet velocity of 0.5 m/s, the base and peak values of
velocities are about 0.5 and 0.8 m/s, respectively. The peak value is more than one and half
times of that for the empty tube (0.5 m/s). It has been generally verified that the high velocity
on the membrane wall can efficiently decrease the species concentration on the membrane
surfaces, thus increasing the permeation flux.
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Figure 5-19: Contours of velocity magnitude (m/s) (a) without baffles (b) 5 baffles (c) 15
baffles
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Figure 5-20: Convergence history of velocity magnitude
5.3.3.3 Contours of tracer concentration
For RTD analysis, a new fluid with the name of tracer was injected into membrane tube for 1
second. This fluid has the same properties of air. The transient simulation was completed by
using tracer as a material in FVM. The frozen flow field was selected to avoid the effect of
tracer on bulk fluid. After 1-second injection tracer was stopped and simulation was run further
to analyze RTD of the membrane tube. The concentration of tracer injection for without baffle
case is shown in Figure 5-21 (a). In Figure 5-21 (b) It can be observed that the concentratio n
after 2000 time steps. The size of each time step is 0.1. The concentration of tracer at the outlet
as a function of time after 1 second for 5 baffle case is shown in Figure 5-22 (a). There is still
a finite concentration of the tracer at the outlet at the end of the 2000 time steps, as shown in
Figure 5-22 (b). The concentration of tracer at the outlet as a function of time after 4500-time
steps is shown in Figure 5-22 (c). Figure 5-23 (a) shows the mass concentration of injected
tracer after 1 second for 15 baffles case. The mass-weighted average of tracer concentratio n
was negligibly small at the end 200-time steps, as shown in Figure 5-23 (b). So the data was
sufficient to do the RTD analysis.
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Figure 5-21: Contours of mass fraction of tracer for membrane tube without baffles (a) after 1
second of injection (b) after 2000 time steps
5.3.3.4 Residence time distribution (RTD) analysis
Figure 5-24 - Figure 5-26show the concentration of tracer for without baffles, 5baffles, and 15
baffles cases respectively. A parabolic curve has been appeared in the mass weighted average
profiles of without baffle and 15 baffles cases. The minimum value on the both sides of the
parabola can be observed in each case. The behavior of the curve for the concentration of 5
baffle case is different from other two. Figure 5-25 shows a sharp increase fluctuation of
concentration followed by a long tail. Figure 5-27 - Figure 5-29 show the E-cures of all the
cases. The concentration values are multiply with delta-t, which is 0.1. All the values of this
concentration at the various time added to get the denominator of the equation for external time
distribution, E (t) in equation 6.37. In this equation, the ratio of concentration takes at each
time step with the sum of the product of concentration with delta-t to get the RTD (E-curve).
As can be seen from this figure, the general trend of the observed RTDs for without baffles and
15 baffles cases is quite similar to each other. The trend of RTD for 5 baffles case is differe nt
due to the gap between the baffles. This gap influences the RTD behavior in membrane tube
filled with 5 baffles. The highest value of RTD is achieved in 15 baffles case. The minimum
RTD value achieved in 5 baffles case as compared to other two.
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Figure 5-22: Contours of mass fraction of tracer for membrane tube with 5 baffles (a) after 1
second of injection (b) after 2000 time steps (c) after 4500-time steps
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Figure 5-23: Contours of mass fraction of tracer for membrane tube with 15 baffles (a) after 1
second of injection (b) after 2000 time steps

Figure 5-24: Concentration of tracer with time in without baffles case
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Figure 5-25: Concentration of tracer with time in 5 baffles case

Figure 5-26: Concentration of tracer with time in 15 baffles case
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Figure 5-27: E-curve for membrane without baffles

Figure 5-28: E-curve for membrane with 5 baffles
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Figure 5-29: E-curve for membrane tube with 15 baffles
Table 5-5 shows the residence time comparison which is helpful for selecting the suitable
design of the membrane tube based on the requirement. Equation 11 is used to calculate the
minimum time for which 75%, 50% and 25% of species spend inside the tube.
Table 5-5: Residence time comparison for three cases

5.4

Species (%) inside membrane tube

75%

50%

25%

Time (s) for case without Baffles

41.70

47.70

72.60

Time (s) for case with 5 Baffles

25.05

35.20

58.40

Time (s) for case with 15 Baffles

91.80

102.50

117.30

Conclusions

A CFD solution for mass transfer and heat transfer problem was formulated to examine the
performance of the thermal diffusion through the 2D rectangular cellulose acetate based
membrane. The model was used to predict the steady and unsteady state problems in a
membrane by solving the general scalar diffusion equation. In particular, we focused on
diffusion process in a membrane, which is industrially useful especially in chemica l
engineering. The FVM solver (ANSYS FLUENTT M) provided the implementation of user116

defined functions (UDFs) which have to be written in the C programming language. These
UDFs were afterward compiled for their use during solver execution for the solution of a
problem. The residuals for the CFD model were decreased beyond the standard level in order
to achieve more reliable results. The results for the steady and unsteady problems showed that
the developed CFD modeling approach is capable of predicting heat transfer in the polymer ic
membrane. This model can be extended to use for the modeling of complex gas mixtures as
well mass transfer problems to narrow the gap between laboratory and industria l scales. In this
chapter, CFD method was also used to simulate the turbulent flow in baffle filled membrane
tube to investigate the flow pattern and velocity magnitude in detail. It was observed the
turbulence generated by the presence of baffles in membrane tube were helpful to increase the
contact between membrane surface and fluid. This was helpful to reduce the concentratio n
polarization and increase the permeation flux. The membrane tube with 5 baffles was predicted
to provide better permeation flux than membrane tube with 15 baffles and empty membrane
tube. It was also observed that the frequent change in flow direction may create eddies behind
each baffle. This could increase the pressure loss and costs of energy because of energy
dissipation of turbulent flow. Therefore, the design of membrane system filled with baffles
contains a trade-off between different competing effects. Moreover, RTD analysis was
implemented by receiving the response of tracer injected in the membrane of three differe nt
types.
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6

6.1

CONCLUSIONS AND RECOMMENDATIONS

Conclusions

The purpose of this research was to develop mathematical models that can be applied to bring
improvement in the operation and design of membrane gas separation processes. While the aim
of this study is multi-fold, the research gives a process analysis evaluation for membrane
separators, pressure controlled permeation, process design and CFD analysis for gas
separations. From the work done in this research, several significant conclusions are drawn
relating to the performance and design feasibility of membrane gas separations. Additiona lly,
the unique process ideas deliberated here could possibly lead to new applications of membrane
gas separation.
The developed mathematical models and numerical techniques for the membranes gas
separation show dependable analysis of pressure and mole fraction profiles in the membr ane
separator (both permeate /residue streams). The numerical methods have advantages over other
methods as they need least computational effort and give better solution stability. Furthermore,
the computational complexity does not increase the number of components increases. The
numerical methods were found very effective for the solution of binary and multicompo ne nt
systems.
The research validates that the new numerical methods can solve the complex membrane
problems with the different process and flow conditions. It was found that two modules in
series can be applied to improve the overall performance of the desired gas production
specifically when a high concentration of the gas is required. A higher feed to permeate
pressure ratio can be achieved, which improves gas separations. The volume of the feed and
permeate sides of the membrane separator was found to be a vital factor in the process design.
A numerical model has been developed to characterize the separation performance of the
membrane module under different flow conditions and incorporated within the ASPEN
HYSYS process simulator. The accuracy of the simulated model has been validated with
published experimental results and the simulated data is in good agreement with the empirica l
observations.
Computational fluid dynamics suggests innovative prospects for the calculation and modeling
of flow, mass transfer, heat transfer and concentration profiles in complex geometries of
membrane modules. Nevertheless, commercial CFD packages have been extended by modified
120

models to account for the mass transfer through membranes. The results exhibited that the
development of a mass transfer model by the implementation of user-defined functions is a
good approach. It is applicable to the special problem of mass transfer through membranes and
the flexibility of a general purpose CFD solver. Baffles incorporated into the membrane
modules have an important effect on the process performance of such modules. Only
introductory results for the modeling of mass transfer in membrane modules using a
commercial code have been presented, further improvements could be done particularly for the
quantitative analysis of mass transfer problems for complex geometries.
6.2

Recommendations

The mathematical model for membrane gas separation can be expanded to develop a broad gas
separation membrane network in the form of a stand-alone computer software to include all
possible novel and conventional arrangements of countercurrent, co-current, and crossflow gas
separation units. The software can be optimized subsequently to identify those process designs
that show the best economical results. The methodology might help membrane professiona ls
to rapidly and scientifically decide the most economical membrane configurations for a
particular design.
An experimental validation of CFD separation process is necessary to materialize the idea. The
comparison of energy and economics of the membrane processes is essential to assess its
effectiveness versus conventional processes (e.g. amine process). The significant challenge
which membrane processes face as compared to amine processes is their economy.
Furthermore, the membrane area savings should be taken into consideration. A comprehens ive
techno-economic study of the membrane gas separation process is deemed essential at this
stage to ratify the advantage of the membrane processes. It is expected that the important
information described in this research can help to carry out the techno-economic examinatio n.
However, evaluations are essential for membrane capture technologies to be economical to
make the reliable estimates.
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